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Abstract

Methane bi-reforming has gained interest recently for its potential of converting

CH4 and CO2 into chemicals while avoiding catalyst deactivation by coke forma-

tion. Recycling CO2 produced can be considered, but introduces constraints on

the allowable pressure drop over the reactor. The latter is particularly the case in

low-pressure processes, such as those encountered in the steel industry. The paper

reports on a multi-scale modeling approach for a structured catalytic reactor that

offers lower pressure drop than classical pellets while improving heat transfer. The

use of a thin catalytic coating furthermore improves the catalyst effectiveness. The

coupled CFD-reaction model accounts for the details of the reaction mechanism

and kinetics, intra-catalyst transport and the details of the flow pattern. Radiative

heat transfer and thermal conduction in the reactor tube walls and in the reactor

internals coated with catalyst are also taken into account. Several scale-bridging

strategies have to be introduced and combined to allow a computationally tractable

solution. This requires a variety of detailed experimental data, an aspect that is also

discussed. The coupled CFD-reaction model was first validated using data from a

bi-reforming pilot plant and then used to evaluate the performance of a structured

reactor under typical commercial process conditions and to study optimization of

the reactor design and potential increase in capacity.
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1 Introduction

The availability of natural gas and concerns about global warming have led to

growing interest in dry-reforming of methane. The process catalytically converts

two major greenhouse gases (CH4 and CO2) into higher value chemicals [1, 2]. The

process however faces challenges regarding rapid catalyst deactivation by coke de-

position [3]. The combined steam and CO2 reforming of methane, referred to as

bi-reforming, has recently gained attention as an alternative for dry-reforming of

methane. The addition of steam allows significantly reducing or eliminating coke

formation and changing the H2O/CO2 feed ratio also allows adjusting the syngas

H2/CO-ratio [4, 5]. Several Ni-based catalysts were found to be highly active and

selective for bi-reforming of methane [5–8]. The addition of promotors such as tin,

cerium dioxide or boron was studied to reduce coke formation and allow operation

at lower H2O/CO2-ratio [8–10].

Recycling exhaust CO2 to the inlet of the reformer is possible but requires a

low pressure drop over the reactor. This is particularly the case for low-pressure

processes, such as developed for iron oxide reduction that operates the reformer at

around 2 bar. In such processes, CO2 and H2O produced in the shaft furnace are

recycled along with unreacted CO and H2 to the inlet of the reformer (Figure 1).

Operation in a closed loop system allows minimizing the natural gas and steam

consumption and eliminating the need for an expensive CO2 removal system. The

major challenge for the reformer catalyst is to combine low pressure drop with

efficient heat transfer. Methane bi-reforming is indeed strongly endothermic and

the ability to supply sufficient heat while ensuring radial temperature uniformity

and not exceeding the maximum tube skin temperature typically limits the capacity
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of the reformer. This limits the diameter of the reactor tubes that are suspended

in the reformer furnace and imposes constraints on the reformer catalyst size and

shape. With conventional catalyst pellets, whatever their design, lower pressure drop

implies less efficient heat transfer. Structured catalytic reactors have been recently

developed for process intensification [11] and to offer lower pressure drop combined

with more efficient heat transfer as compared to pellets. A thin catalyst coating is

typically applied on the structure which also allows reducing intra-catalyst diffusion

limitations that are strong with pellets [12]. 3D printing allows using shapes that

are otherwise difficult to manufacture [13] but is so far relatively expensive. For

intensified hydrogen production technologies, different manufactured designs have

been tested at the lab, pilot and commercial scales, such as monolithic catalysts

[14], conductive packed foam configurations [15], the CatacelTM reactor [16] and the

annular ZoneFlowTM reactor [17, 18]. Improved heat management ability compared

to conventional pellets was demonstrated. A ZoneFlowTM reactor consists of a central

core with a specific conical collar design supporting a near-wall annular casing with

a specific sector and blade design. By the action of the flow and its weight on

the conical collars, the casing is pushed outward and good contact between the

casing and the reactor tube wall is ensured. The annular casing has consecutive and

interconnected sectors with blades guiding the flow towards and away from the wall

(Figure 2). The blades make an angle with the reactor tube wall and radial fins

separate the sectors except in the near-wall regions where openings allow flow. The

net effect is flow impinging the tube wall and locally increased turbulence, i.e. in

the near-wall regions, as a result of the strong gradients in the mean velocity field.

This results in improved heat transfer between the tube wall and the process gas

and reduced pressure drop.
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Evaluating the performance of a reactor with a complex flow pattern requires the

coupled simulation of the fluid dynamics and the reactions. This approach allows fa-

cilitating scale-up, studying details of the reactor design and obtaining information

that is difficult or impossible to measure. In recent years, several groups success-

fully performed 3D resolved-particle fixed bed CFD simulations for methane steam

or dry reforming [19–22]. Applying scale-bridging strategies at the different scales

to account for detailed reaction mechanism and flow pattern helped obtaining in-

sight and fundamental understanding of fixed bed reactors, such as local transport

phenomena and intraparticle gradients limitations, influence of pellets shape and

inclination and the importance of radiative heat transfer [23–27]. Several authors

applied similar flow-reaction coupling approach for the 2D or 3D simulation of coated

catalytic reactors [28–30]. CFD simulations on a specific ZoneFlowTM reactor design

for SMR were performed by De Wilde and Froment (2012, 2013) [31, 32] to con-

firm efficient heat transfer and low pressure drop and to verify that, under typical

commercial SMR conditions, the provided geometric surface area in combination

with intensified heat transfer and high catalyst effectiveness factors allow a methane

conversion comparable or higher than that achieved in a conventional packed bed,

despite the relatively low amount of catalyst used. The simulations also showed that

efficient heat transfer in the near-wall casing reduces the risk of hot spots, opening

perspectives for operation at lower steam-to-carbon ratio, with reduced risk of coke

formation.

The present work focuses on the evaluation of the performance of ZoneFlowTM

structured reactors (Figure 2) for methane bi-reforming. Applying different scale-

bridging strategies, a detailed multi-scale 3D steady-state CFD-reaction model is

developed, accounting for the details of the reaction mechanism and the intrin-
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sic reaction kinetics, intra-catalyst diffusion limitations, turbulence, radiative heat

transfer and thermal conduction in the reactor tube walls and internals coated with

catalysts. Pressure drop data from cold flow tests in a wide flow rate range are

used to estimate the turbulence model parameters. Next, temperature and methane

conversion data from bi-reforming pilot plant tests are used to validate the over-

all performance of the coupled CFD-reaction model. The latter is then used to

simulate the performance of a commercial scale reactor under typical methane bi-

reforming process conditions. Comparison with a conventional packed bed reactor

is made and the differences in behavior are analyzed. Finally, considering hybrid

ZoneFlowTM /packed bed reactors, reactor design optimization is addressed and po-

tential capacity increase evaluated.

2 Multi-scale modeling approach

Figure 3 summarizes the multi-scale modeling approach and scale-bridging strate-

gies that are used. For the reaction rates, scale bridging is achieved by applying the

rate determining step theory and using intrinsic kinetics per unit mass of catalyst

coating. As a results, rate expressions and rate parameters are catalyst dependent

and to be determined experimentally or calculated theoretically [33–36]. To ac-

count for intra-catalyst transport and reaction, a pseudo-continuum description of

the catalyst is used. This allows a 1D intra-catalyst calculation, but introduces

catalyst dependent model parameters - the catalyst porosity and tortuosity - to be

measured experimentally or estimated theoretically [37]. To account for the com-

plex flow in the reactor, a Computational Fluid Dynamics (CFD) approach is used.

Calculating the details of turbulence and boundary layers at solid walls requires ex-

tremely fine meshes and transient simulations, computationally not tractable for the
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simulation of commercial scale reactors. A common scale-bridging strategy is to av-

erage the Navier-Stokes equations over all scales of turbulence and solve the so-called

Reynolds-Averaged Navier-Stokes (RANS) equations. To close the RANS equations,

effective transport properties can be introduced, that are to be calculated through a

turbulence model [38,39]. Wall functions are used to prevent explicit calculation of

the near-wall boundary layers. Different turbulence models have been proposed and

selection of the appropriate model is not always evident. Furthermore, turbulence

model parameters are introduced, to be determined from Direct Numerical Simula-

tions (DNS) or from dedicated experiments. Details on the catalyst and intrinsic

kinetics are given in Section 2.1. The calculation of the intra-catalyst behavior is

discussed in Section 2.2. Finally, the CFD approach is presented in Section 2.3.

2.1 Catalyst and intrinsic reaction kinetics

Figure 4 shows a SEM picture of the Alloys Surfaces Co., Inc. (ASC) metal

structure with a thin, nanostructured and adherent Ni coating that was used in

the bi-reforming pilot plant tests and reactor simulations. The process developed

by ASC ensures integral bonding of the nanostructured catalytic layers [40]. The

material can be used as a catalyst or catalyst support and in various forms (foil,

fiber, mesh or tube). The mechanical robustness allows forming the structure of

the reactor internals using the material as such, that is, after coating. The absence

of delamination under severe process conditions and the potential to replace wash-

coated layers were demonstrated [40]. For the pilot plant tests and simulations, a

100 µm support with a 10 µm Ni catalyst layer on each side was used.

The catalytic conversion of methane with steam and CO2 proceeds through the

set of elementary steps shown in Figure 5. These are captured by three global
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reactions, two steam methane reforming (SMR) reactions and the Water-Gas Shift

(WGS) reaction:

CH4+H2O
 CO + 3H2 (I)

CO+H2O
 CO2+H2 (II)

CH4 + 2H2O
 CO2 + 4H2 (III)

As suggested by Donazzi et al. (2008) [41], the specific CO2-reforming reaction

can be excluded. The intrinsic kinetics of the two SMR reactions on the Ni-based

ASC catalyst was previously studied [42,43] and determined from measurements in

a specifically designed experimental reactor. The kinetic modeling confirmed the

reaction mechanism identified by Xu and Froment (1989) [44] with a different rate

determining step for the second SMR reaction (Figure 5), leading to the following

rate expressions:

rI =

kI

p2.5
H2

pCH4pH2O −
pCOp

3
H2

KI


den2 (1)

rII =

kII

pH2

pCOpH2O −
pCO2pH2

KII


den2 (2)

rIII =

kIII

p2
H2pH2O

pCH4p
2
H2O −

pCO2p
4
H2

KIII


den2 (3)

with the denominator, common for the three reactions, given by:

den = 1 +KCH4pCH4 +KCOpCO +KH2pH2 +KH2O

pH2O

pH2

(4)
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The catalyst specific rate parameters that were estimated are summarized in Table 1,

for partial pressures expressed in bar and reaction rates in mol/kgcat.h. Compared

to the conventional SMR catalyst studied by Xu and Froment (1989) [44], the ASC

catalyst was found to be less active for the first SMR reaction, but more active

for the second SMR reaction. The rate determining steps theory on which the

Langmuir-Hinshelwood-Hougen-Watson type rate expressions are based is essential

for scale-bridging. The details of the reaction mechanism, rate determining steps and

the equilibria of the non-rate determining steps are accounted for in rate expressions

that can be easily implemented in the catalyst/reactor model.

The mechanism of coke formation is also included in Figure 5. Snoeck et al. [45–48]

studied the initial coke formation on a conventional SMR catalyst and derived rate

expressions that allow verifying if net positive coke formation is to be feared. The

global C-formation reactions to be considered are:

CH4 
 C + 2H2 (C-1)

CO+H2 
 C + H2O (C-2)

The Langmuir-Hinshelwood-Hougen-Watson type rate expressions were adopted

from Snoeck et al. [45–48] and are given by:

rC1 =

k+
M

∼
KCH4

pCH4 −
p2
H2

K∗M


den22 (5)

rC2 =

k−OKCOpCO −
k+′
O

KO,H2O

pH2O

pH2


den22 (6)
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with the denominator:

den2 = 1 +KCOpCO+
∼
KCH4 pCH4 +

1

K ′′r
p1.5
H2 +

1

KO,H2O

pH2O

pH2

(7)

The rate parameters are also given in Table 1, for partial pressures expressed in bar

and coking reaction rates expressed in kmol/m2
i .h. As coke formation is typically

to be prevented, the coke formation analysis is carried out a posteriori, that is,

using the temperature and species concentration profiles that follow from the reactor

simulation with a coke-free catalyst.

2.2 Intra-catalyst transport

Despite the small catalyst layer thickness (10 µm), the catalyst internal structure

with in particular its low porosity can cause intra-catalyst diffusion limitations under

typical commercial process conditions. The typically used scale-bridging strategy is

to describe the catalyst as a continuum, introducing effective diffusivities that de-

pend on the catalyst porosity, εs, and tortuosity, τ , two parameters to be determined

experimentally or through detailed pore structure models [49]:

De,A =
εs

τ


1

DAm
+

1

DAK


−1

(8)

with DAK the Kudsen diffusivity and DAm the molecular diffusivity, the latter being

calculated with the semi-empirical relation of Fuller-Schettler-Giddings [49]. The

BET surface area, catalyst porosity and pore size distribution were measured by

nitrogen adsorption-desorption [42]. The porosity of the coating, εs, was found to

be 0.084, which is small compared to that of conventional catalyst and is the result

of the coating technique developed by ASC to ensure a good coating adherence

and resistance to delamination [40, 42, 43]. The BET surface area was found to be

11



7.4 m2/gcat. In comparison, a conventional SMR catalyst has a BET surface area of

around 58 m2/gcat with a Ni surface area of around 9.3 m2/gcat [44]. The difference

in composition and density of the conventional and ASC catalyst should, however,

be accounted for. Whereas the former consists of Ni dispersed on a Mg/Al2O4

spinel support, the latter is a nearly pure Ni layer. Figure 6 shows the tortuosity,

τ , estimated using reported correlations [37, 50–54]. A value of 4 was used for the

simulations, best in line with the value of τ reported by Xu and Froment [12,44] for

the conventional SMR catalyst (εs = 0.528 and τ = 3.54).

The intra-catalyst species concentration profiles can then be calculated from the

species continuity equations inside the catalyst:

−
d

dζ

De,A
dCA,s

dζ

 = ρs
∑
k

αAkrk (Cs, Ts) (9)

with boundary conditions:

at ζ =
dstruc

2 −De,A
dCA,s

dζ

∣∣∣∣∣
ζ=dstruc/2

= kg
(
Cs
A,s − CA

)
(10)

at ζ =
dsup

2 −De,A
dCA,s

dζ

∣∣∣∣∣
ζ=dsup/2

= 0 (11)

The solid internals of thickness dstruc consist of a support of thickness dsup and

on both sides a catalyst layer of thickness dcat, so that dstruc = dsup + 2dcat and

fstruc,cat = 2dcat/(dsup + 2dcat). In the CFD reactor model, intra-catalyst diffusion

limitations are accounted for using catalyst effectiveness factors, ηk. The latter can

be rigorously calculated by solving the species continuity equations 9-11 inside the
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catalyst layer [49], with:

ηk =

dstruct/2∫
dsup/2

rk(CAs)

rk(Cs
As)

dζ
dstruct

2 −
dsup

2


(12)

The solid phase species continuity equations 9 and corresponding boundary condi-

tions can then be integrated in the CFD simulations using the following algebraic

equations:

kg (Cs
As − CA) = ρsdcat

∑
k

αAkηkrk (Cs
s , Ts) (13)

To reduce the calculation time, the catalyst effectiveness factors can eventually be

independently estimated for the typical operating conditions encountered in the

reactor and then be used as such in the CFD-reaction simulation, as in [31, 32].

Figure 7 shows intra-catalyst species concentration profiles for a 10 µm catalyst

layer thickness, at typical low-pressure bi-reforming process conditions (Ts = 1023

K, P = 2 bar, yCH4 = 0.15, yH2O = 0.125, yH2 = 0.375, yCO = 0.205, yCO2 =

0.14). Catalyst effectiveness factors close to one are observed for the two steam

reforming reactions, despite the low catalyst porosity. The influence of the catalyst

layer thickness was discussed in [42]. For comparison, with conventional catalyst

pellets under commercial SMR conditions, the catalyst effectiveness factors for the

two steam reforming reactions are much smaller, of the order 0.02-0.05, but also

relatively constant in most of the reactor [12].

Accounting for thermal conduction in the solid internals coated with catalyst, the

temperature of the solid internals is calculated from:

−
∂

∂ζ
λs
∂Ts

∂ζ
= fstruct,catρs

∑
k

ηkrk (Cs, Ts) (−∆H)k (14)
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where λs is the thermal conductivity of the solid internals. At the boundary with

the process gas:

at ζ =
dstruct

2 −λs
dTs

dζ

∣∣∣∣∣
ζ=dstruct/2

= hf (T ss − Tg) (15)

and at the boundary between the two sides of the support:

at ζ = 0 −λs
dTs

dζ

∣∣∣∣∣
side 1

ζ=0
=
dTs

dζ

∣∣∣∣∣
side 2

ζ=0
= 0 (16)

The calculation of kg and hf , the effective coefficients of mass and heat trans-

fer between the solid internals coated with catalyst and the process gas, requires

information on the flow pattern in the reactor and is dealt with in a next section.

2.3 CFD reactor model

First the 3D CFD model to account for the complex flow in ZoneFlowTM reac-

tors is presented. The 1D model used for the simulation of the reference packed

bed reactor is briefly described at the end of this section. Explicit simulation of

the details of turbulence requires solution of the transient Navier-Stokes equations

and use of extremely fine spatial and temporal meshes. In most cases, interest

goes to the statistically stationary reactor performance. To reduce the calculation

time, the Reynolds-Averaged Navier-Stokes (RANS) approach is adopted, averaging

the Navier-Stokes equations over all scales of turbulence to calculate the Reynolds-

averaged variables. Averaging non-linear terms introduces additional terms in the

RANS equations that describe the influence of turbulence on the evolution of the

Reynolds-averaged variables and creates a scale-bridging or so-called closure prob-

lem. The most widely used closure models are based on the introduction of effective
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transport properties - viscosity, conductivity and diffusivity. With that and using

the Einstein notation and Reynolds-averaged variables, the transport or continuity

equations can be written:

Gas phase total continuity equation:

∂ (ρguj)

∂xj
= 0 (17)

Gas phase momentum equations:

∂ (ρguiuj)

∂xj
= −

∂Pe

∂xi
+
∂τij

∂xj
+ ρggi (18)

Gas phase energy equation:

∂ (ρgEguj)

∂xj
−

∂

∂xj

λe
∂Tg

∂xj

 = −
∂ (Peuj)

∂xj
+
∂ (uiτij)

∂xj
+ ρggjuj (19)

Gas phase species continuity equations:

∂ (CAuj)

∂xj
=

∂

∂xj

DA,e

∂CA

∂xj

 (20)

Calculating the tube wall temperatures requires accounting for thermal conduction

in the reactor tube:

−λtube


∂2Ttube

∂r2 +
1

r

∂Ttube

∂r

− λtube
∂2Ttube

∂x2 = 0 (21)

The gas phase shear stress tensor in Equations 18-19 is defined as:

τij = µe



∂ui

∂xj
+
∂uj

∂xi

− 2
3δij

∂uk

∂xk

 (22)

The effective mean pressure, effective viscosity, effective conductivity and effective

diffusivity that are introduced in Equations 18-20 and 22 consist of a molecular and

turbulent contribution:

15



Pe = P + 2
3ρgk (23)

µe = µg + µt (24)

λe = λg + λt + λr (25)

DA,e = DA,m +Dt (26)

The effective conductivity (25) accounts for radiative heat transfer also, as dis-

cussed hereafter. The calculation of these effective transport properties requires

information on the turbulence. Various turbulence models have been developed and

considered in this study. The two-equation k − ε model is selected, with k the tur-

bulent kinetic energy and ε the turbulence dissipation rate. The turbulent viscosity

can be calculated from k and ε as [38,39]:

µt = Cµρg
k2

ε
(27)

with Cµ a turbulence model parameter that was determined for a variety of flows.

Based on the similarity between mass, heat and momentum transfer, the turbulent

conductivity and diffusivity are related to the turbulent viscosity:

λt =
cpµt

Prt
(28)

Dt =
µt

ρgSct
(29)

Prt , the turbulent Prandtl number, has a typical value of 0.85. The turbulent

Schmidt number, Sct, has a typical value of 0.7. The turbulent kinetic energy and its

dissipation rate are required to calculate the turbulent viscosity (Equation 27) and

from that the turbulent conductivity (Equation 28) and diffusivity (Equation 29).
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The standard k − ε model is used. The transport equation for k is:

∂ (ρgk〈ui〉)

∂xi
=

∂

∂xi


µg +

µt

σk


∂k

∂xi

+Gk +Gb − ρgε (30)

where σk is the turbulent Prandtl number for k, a model parameter with typical

value of 1.0, Gk is the turbulent kinetic energy generation due to the mean velocity

gradients and Gb is the turbulent kinetic energy generation due to buoyancy:

Gk = −ρg〈u′iu′j〉
∂uj

∂xi
(31)

Gb = βgi
µt

Prt

∂Tg

∂xi
(32)

with β the thermal expansion coefficient:

β = −
1

ρg


∂ρg

∂Tg


P

(33)

The semi-empirical transport equation for ε is:

∂ρgε〈ui〉

∂xi
=

∂

∂xi


µg +

µt

σε


∂ε

∂xi

+ Cε1
ε

k
(Gk + Cε3Gb)− Cε2ρg

ε2

k
(34)

where σε is the Prandtl number for ε, with typical value of 1.3. The standard k − ε

model is robust and offers a reasonable accuracy for a wide range of turbulent flows.

Cε1 and Cε2 are the model parameters which were determined from experimental

data for a variety of flows [38, 39]. As discussed in the next section, the values of

the turbulence model parameters found in the literature may not be applicable and

need to be re-estimated from experimental measurements.

To describe the radiative heat transfer, the Rosseland or diffusion approximation is

adopted. The latter assumes that the radiation intensity is the black-body intensity
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at the gas temperature. The use of the Rosseland radiation model can be justified

by the presence of steam and carbon dioxide in the reaction mixture, absorbing

radiation. Linearization of the radiative heat flux in a gray medium results in:

λr =
16σn2T 3

g

3(a+ σs)− Cσs
(35)

where n is the refractive index. The so-called radiative conductivity λr is expressed

as a function of an absorption coefficient a and a scattering coefficient σs, describing

the change in radiation intensity per unit length along the path through the fluid

medium. A gray radiation model is used assuming that the absorption coefficient a

is band independent. The absorption coefficient is then calculated as a function of

local concentrations of H2O and CO2, using the Weighted Sum of Gray Gases Model

(WSGGM) [55,56]. The Rosseland model does not solve an extra transport equation,

which makes it very convenient for commercial scale simulations. Alternatively, the

Discrete Ordinate (DO) model can be used, accounting for surface radiation and

participating media effects. The radiative transfer equation (RTE) is solved in a

finite number of discrete solid angles, si:

∂Isi(r, s)

∂xi
+ (a+ σs)I(r, s) = an2

σT 4

π
+
σs

4π

4π∫
0

I(r, s′)Φ(s.s′)dΩ′ (36)

Each octant 4π of the angular space is discretized into Nθ ×Nφ solid angles at any

spatial location, θ and φ being the polar and azimuthal angles, respectively. In this

study Nθ and Nφ have been imposed to 3, leading to a total of 72 directions solved.

This makes the DO model considerably more expensive in terms of calculation time,

compared to the Rosseland model.

Equations 17-19 have to be solved with the appropriate boundary conditions.

For the momentum equation 18, the no-slip condition is applied at solid walls.
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The wall shear stress is calculated from the logarithmic law [57], valid for y∗ =

ρC1/4
µ k1/2y1/µ > 11.225:

U∗ =
〈u〉ρC1/4

µ k1/2

τw
=

1

κ
ln (y∗CE) (37)

where y∗ is the distance to the wall, CE an empirical constant with value 9.793 and

κ the von Karman constant with value 0.42. If the mesh is sufficiently fine, such

as y∗ < 11.225, the laminar stress-strain relationship is applied at the wall-adjacent

cells, so that:

U∗ = y∗ (38)

For the energy equations 19 and 21, at the reactor tube inner and outer wall:

r = din
tube : −λtube

∂Tw

∂r

∣∣∣∣∣
r=din

tube

= αin (Tg − Tw,in) (39)

r = dout
tube : −λtube

∂Tw

∂r

∣∣∣∣∣
r=dout

tube

= αout (Tw,out − Tfurnace) (40)

in which αin and αout are the effective coefficients of heat transfer between the inner

wall of the reactor tube and the process gas and between the outer wall of the

reactor tube and the furnace respectively. Convection and radiation are accounted

for, with a temperature boundary condition for the radiative heat flux at the furnace

side. The boundary conditions at solid internals were given in Section 2.2. For the

calculation of hf in Equation 15 and αi in Equation 39, the model of Jayatilleke

(1969) is applied [58]:
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for y∗ < y∗T hf or αi =
ρgcpC

1/4
µ k1/2

Pr y∗
(41)

for y∗ ≥ y∗T hf or αi =
ρgcpC

1/4
µ k1/2

Prt


1

κ
ln (y∗CE) + PT


(42)

with

PT = 9.24



Pr

Prt


0.75

− 1


1 + 0.28 exp

−
0.007Pr

Prt


 (43)

and y∗T the non-dimensional thermal sub-layer thickness determined by the intersec-

tion of the linear and logarithmic laws. The mass transfer coefficient kg in Equa-

tion 13 is calculated in a similar way:

for y∗ < y∗C kg =
ρgcpC

1/4
µ k1/2

Sc y∗
(44)

for y∗ ≥ y∗C kg =
ρgC

1/4
µ k1/2

Sct


1

κ
ln (y∗CE) + PC


(45)

where y∗C is similarly determined by the intersection of the linear and logarithmic

laws and with

PC = 9.24



Sc

Sct


0.75

− 1


1 + 0.28 exp

−
0.007Sc

Sct


 (46)

The k − ε turbulence model equations 30-34 cannot be applied in the viscous sub-

layer near solid walls. Wall functions are used for the logarithmic layer:
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kw =
u2
τ

C
1/2
µ

(47)

εw =
u4
τ

50κν =
u3
τ

κy1
(48)

where uτ = (τw/ρg)1/2.

When the DO model is used to describe radiative heat transfer, the reactor tube

wall and the ZoneFlowTM structure are treated as opaque walls. The heat flux

emitted from a wall surface at temperature Tw is given by n2εwσT
4
w, where εw is the

wall emissivity, a material properties. Given qin, the radiative incident heat flux

on the wall, the amount of energy absorbed is calculated by εwqin and the amount

of energy reflected is calculated by (1 − εw)qin. In this study, it is assumed that

the energy is exclusively reflected diffusely. The emissivity of the reactor tube wall

(inconel) is set to 0.95 and the emissivity of the blades coated with the Ni-based

catalyst is set to 0.25, typically reported values.

The set of partial differential and algebraic equations were integrated with the

finite volume solver Fluent 18.1 (Ansys). A second-order upwind scheme is used

for the convective fluxes and the equations are solved by means of the SIMPLE

algorithm for the pressure-velocity coupling. The low-Mach number assumption is

used and the ideal gas law is adopted to account for density variations by tempera-

ture, pressure and composition fluctuations. The reactor can be simulated imposing

the tube skin temperature profile or the furnace temperature. In the latter case,

a furnace model accounting for convection and radiation is coupled with the CFD-

reaction model.
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For the simulation of a conventional packed bed, a 1D heterogeneous reactor model

accounting for interfacial and intra-particle transport limitations was used [49]. The

pressure drop was evaluated using the Ergun equation [59]. The wall-process gas heat

transfer coefficient was calculated using the correlation of de Wasch and Froment

[60]. The set of differential and algebraic equations was solved using Matlab. A

4th order Runge-Kutta routine was combined with a finite difference method for the

integration of the intra-particle species continuity equations.

3 Parameter estimation and model validation us-

ing pilot plant data

3.1 Reactor geometry and operating conditions

The cold flow pressure drop and low-pressure bi-reforming pilot plant tests were

carried out with the ZoneFlowTM reactor shown in Figure 2(a). The blades in the

different sectors guide the flow towards and away from the wall. The radial fins

between the sectors provide a gap for flow between the sectors in the near-tube

and near-central rod wall regions. Note that the reactor was operated with up-

flow, down-flow being also possible. The generated geometry used for the CFD

simulations is shown in Figure 2(b). To reduce the computational cost, a 38◦ sector

of the reactor containing 2 centrifugal and 2 centripetal blades sectors is simulated

and rotational periodic boundary conditions are applied. Several mesh refinement

steps were necessary to ensure a grid independent solution, especially in the near-wall

regions. The final mesh consists of 2.2 million cells and is illustrated in Figure 2(c).
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Cold flow pressure drop measurements were taken at atmospheric pressure with

air flow rates between 187 and 475 Nm3/h, corresponding to superficial gas velocities

between 2 and 5.3 m3
g/m2

r.s. The effective reactor tube diameter or channel width

based Reynolds numbers is between ca. 4900 and 13000 and the sector width based

Reynolds number between ca. 2400 and 6400. The flow is expected to be strongly

turbulent in the near tube and near central rod wall regions, where gradients in the

flow field are strong by the abrupt changes in velocity magnitude and direction in

between sectors.

For the low-pressure bi-reforming pilot plant tests, the feed, a mixture of fresh feed

and recycle streams, was preheated to 883 K and had a composition close to a typical

commercial feed composition - see Table 2. The reactor outlet pressure was 2.5 bar.

Two tests were carried out with feed flow rates of respectively 36.9 and 60.6 Nm3/h.

Channel width based Reynolds numbers are respectively 925 and 1515, sector width

based Reynolds numbers 454 and 744, so that the flow is expected to be mainly

laminar. The furnace temperature was around 1323 K and adjusted to guarantee a

target gas outlet temperature of 1173 K, with actual values of respectively 1169 K

and 1170 K.

3.2 Estimation of the turbulence model parameters by means

of cold flow pressure drop data

The cold flow pressure drop tests were simulated using various turbulence models,

including the standard and realizable k-ε models and the shear-stress transport

(SST) k-ω model. Using the standard turbulence models parameters reported in

the literature, and strictly only valid for given standard flows [39], none of these
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models could accurately predict the measured pressure drop through the ZoneFlowTM

reactor, as shown in Figure 8. Because of the relatively small differences in pressure

drop predictions between the different turbulence models and the limited amount

of data available to re-estimate the turbulence model parameters, the standard k-ε

model was selected to verify if a good fit with the pressure drop measurements could

be obtained with optimized parameters values. The two parameters, Cε1 and Cε2,

in the semi-empirical ε-equation 34 were then optimized.

Figure 9 shows, for two applied gas flow rates (238 and 475 Nm3/h), profiles of

the pressure, velocity magnitude and turbulent kinetic energy in a cross section in

the axial direction in a sector with blades guiding the flow away from the tube

wall. The pressure profiles in Figure 9 confirm pressure drop in the flow direction

inside the channels (in between two blades) is minimal and pressure drop is mainly

generated by the flow in between sectors or channels, that is, in the near tube or near

central rod wall regions. The abrupt changes in velocity magnitude and direction

and related increased turbulence in these regions are responsible for the pressure

drop and efficient heat transfer between the reactor tube wall and the process gas.

The combination of improved heat transfer and low pressure drop of ZoneFlowTM

reactors compared to conventional pellets is explained by this localized generation

of turbulence and related pressure drop. A qualitatively similar behavior is observed

in the entire flow rate range studied. Figure 8 shows that the CFD model is capable

of predicting the observed relation between the gas flow rate and the pressure drop,

provided that the turbulence model parameters are adjusted. The influence of the

surface roughness factor on the pressure drop was found negligible. The pressure

drop is seen to increase with the gas velocity to a power between 1 and 2, confirming

the simultaneous presence of less and fully turbulent flow regions in the ZoneFlowTM
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reactors.

Figure 8 also shows cold flow pressure drop data for the identical diameter reac-

tor tube packed with conventional pellets. For a low-pressure bi-reforming process,

multi-holes reference pellets are 1.29 cm in equivalent diameter, defined as the di-

ameter of the sphere with identical surface area per unit volume. With a typical

bed void fraction of 0.56, the Ergun equation predicts well the pellets pressure drop

data. The data confirm that the ZoneFlowTM reactor offers significantly lower pres-

sure drop than the pellets.

3.3 CFD-reaction model validation by means of low-pressure

methane bi-reforming pilot plant tests

Figures 10 shows simulations of low-pressure methane bi-reforming pilot plant

tests using the CFD-reaction model without adjusting any of the independently

determined transport or rate parameters and using the Rosseland model to describe

radiative heat transfer. For the two pilot plant tests, contour plots of the axial

velocity, gas phase and catalyst temperature and the CH4 mole fraction in the gas

phase and at the catalyst surface are shown. A qualitatively similar behavior is seen

in the two tests. The axial velocity gradually increases as a result of the decreasing

gas density. High velocities and high gradients in the velocity field are observed in the

near-wall regions where the gaps that connect the different sectors are located. This

can lead to local generation of turbulence, despite operation at low Reynolds number.

As expected, strong differences in temperature between the process gas and reactor

tube wall are observed. Even at the low gas flow rates used in the pilot plant tests,

the temperature in a channel (between two blades) is relatively uniform, illustrating
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efficient heat transfer. The differences in species concentrations between the process

gas and the surface of the blades coated with catalyst are, however, also significant

(1-6% in CH4 mole fraction). The consumption of methane by the reactions in the

catalyst cannot be compensated for by interfacial mass transfer, intrinsically slow

at the applied low flow rates. The differences in temperature between the gas phase

and the surface of the blades are seen to be much less significant. This is due to

significant contribution of radiative heat exchange in the ZoneFlowTM reactor at the

applied operating temperatures.

Figure 11 and Table 3 compare the pilot plant measurements and CFD-reaction

model predictions, using both the Rosseland and the DO model to describe ra-

diative heat transfer. Figure 11(a)-(b) shows the gas and tube skin temperature

profiles, Figure 11(c)-(d) and Table 3 the outlet concentrations of the dry gas and

Figure 11(e)-(f) the simulated axial species concentrations profiles. The equilib-

rium gas composition at the measured exit temperature is also given in Table 3,

indicating that equilibrium is not reached during the pilot plant tests. Simulations

excluding thermal conduction in the reactor internals and/or radiative heat transfer

(Table 3) show that with the considered support and catalyst layer thickness and

high reactor void fraction, thermal conduction in the reactor internals has a minor

contribution to the overall heat transfer, confirming the assumption of De Wilde and

Froment [31,32]. The contribution of radiative heat transfer is, however, important

and is essential to explain the fast increase of the temperature observed in the pilot

plant tests. It can be seen that the outlet concentrations are accurately predicted

using both radiation models. However, the DO model is not able to capture the

rapid temperature increase experimentally observed, and the process gas temper-

ature is generally under-predicted by this model (see Figure 11(c)-(d)). Therefore
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the computationally less expensive Rosseland model was selected for the commercial

scale simulations. Whereas the outlet concentrations and gas temperature profiles

are accurately predicted with the Rosseland model, the outer wall temperature is

slightly under-predicted. The latter can be explained by the way the tube skin

temperature is measured. Probes containing a thermocouple are attached to the re-

actor wall (furnace side). A spring ensures contacting of the thermocouple with the

wall, but because of the steep temperature gradient in the near-wall region, a 10-20

K error on the temperature measurement is easily possible. In some experiments,

tube skin temperatures higher than the reported furnace box temperature were also

recorded, which is physically impossible and confirms the order of the error on the

wall temperature measurements.

As discussed in Section 2.2, in order to reduce calculation time, catalyst effec-

tiveness factors were independently estimated for the typical operating conditions

applied in the pilot plant tests and imposed as such in the CFD simulations. For

validation, the 3D profiles of the effectiveness factors for the three global reactions

were calculated a posteriori, using the temperature and species concentration pro-

files following from the reactor simulation. In the two pilot plant tests, the catalyst

effectiveness factor of the first SMR reaction varied between 0.87 and 0.96 compared

to the assumed constant value of 0.933, the effectiveness factor of the WGS reaction

varied between 0.46 and 0.58 compared to the assumed constant value of 0.533 and

the effectiveness factor of the second SMR reaction varied between 0.88 and 0.98,

compared to the assumed constant value of 0.949. A maximum deviation of 0.073

on the constant value imposed for effectiveness factors was as such revealed.
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In Section 4, simulations at typical commercial scale process conditions are pre-

sented to evaluate the contribution of radiative heat transfer and transport limita-

tions under such conditions.

4 Commercial scale reactor simulations

4.1 Reactor geometry and operating conditions

A typical commercial scale low-pressure bi-reformer is simulated using the CFD-

reaction model. The ZoneFlowTM design is identical to the one used in the pilot

plant tests described in the previous section. The commercial scale reactor has the

same diameter than the pilot plant reactor, but is 15 times longer. Simulations are

first carried out with a typical feed rate of 399 Nm3/h of mixed fresh and recycle gas

per tube (see Figure 1), preheated at 853.15 K. The channel width based Reynolds

number is then 9600-12900, the sector width based Reynolds number 4700-6300.

The mixed feed gas composition is reported in Table 2. The simulations use an

imposed constant furnace temperature of 1323 K. The reactor outlet pressure is 2

bar. A comparison with the performance of a conventional packed bed reactor is

made imposing equal reaction kinetics, as determined for the ASC catalyst. A hybrid

reactor design combining the ZoneFlowTM reactor with the conventional pellets is

then considered to study potential capacity increase. The results are summarized

in Table 4.

4.2 ZoneFlowTM reactor performance

The qualitative picture observed in the pilot plant tests is confirmed at typical

commercial conditions. Turbulence is, however, significantly more pronounced, es-
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pecially in the near-reactor tube and near-central rod wall regions. Figure 12 shows

profiles of (a) methane mole fraction, (b) tube skin and process gas temperature,

(c) outer wall heat flux and (d) total pressure for the ZoneFlowTM and the refer-

ence pellets reactors, along the dimensionless axial coordinate. The mixture feed

composition is close to the equilibrium composition at the given feed temperature,

so that the gas has to be heated in the first centimeters before reactions proceed.

Despite the lower amount of catalyst in the ZoneFlowTM reactor, exit CH4 and CO2

conversions close to those with the reference pellets are obtained. The rapid increase

of the temperature and of the CH4 conversion in the first part of the ZoneFlowTM

reactor is remarkable. The exit gas temperature is also significantly higher and the

pressure drop significantly lower than with the reference pellets. Note that with

the imposed conditions, the equilibrium composition does not change much above a

certain temperature so that about the same methane conversion can be reached at

lower exit gas temperature.

Heat transfer limitations are particularly pronounced in the first part of the reactor

where the reaction rates are intrinsically high. In this region the methane conversion

benefits most from the improved heat transfer in the ZoneFlowTM reactor. In the

second part of the ZoneFlowTM reactor, as reactants are consumed and equilibrium

is approached, reaction rates decrease and the improved heat transfer leads mostly

to an increased process gas temperature. The available GSA (geometric surface

area) and interfacial mass transfer limitations leading to low reactant concentrations

on the catalyst surface contribute to reduced performance in terms of methane

conversion in the second part of the reactor.
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The improved heat transfer offered by the ZoneFlowTM reactor is reflected in the

calculated heat flux profile in the first part of the reactor, in combination with a

lower tube skin temperature (Figure 12(b)-(c)), showing significantly higher heat

fluxes than with the reference pellets. The contribution of radiative heat transfer

in the ZoneFlowTM reactor remains important, this mechanism representing around

35% of the total heat transferred to the process gas. It also explains that interfacial

mass transfer limitations are stronger than interfacial heat transfer limitations. The

blades coated with catalyst receive heat directly from the reactor tube wall through

radiation. This is illustrated in Figure 12 showing profiles of (e) the methane mole

fraction and (f) of the gas phase temperature at mid-height in the reactor along

the dimensionless radial position in the annulus section, r∗. In the vicinity of the

blades, interfacial heat transfer limitations result in a ∆T of 3 to 10 K depending

on the axial position. Gradients in the radial direction are generally small, with the

steepest temperature gradient in the near-reactor tube wall region (∆T of 10 to 200

K depending on the axial position).

Figure 13 evaluates the risk of coke formation in the ZoneFlowTM reactor. Fig-

ure 13(a) shows axial profiles of the cross sectional averaged coke formation and

gasification reaction rates and of the net rate of coke formation. A more detailed

picture is given in Figure 13(b) showing contour plots of these reaction rates on

the blades coated with catalyst in the inlet section of the reactor, where coke for-

mation is typically to be feared most. Under the given conditions, throughout the

reactor coke is formed by methane cracking, but is gasified by steam as soon as

formed. The negative net rate of coke formation indicates no coke formation is to

be feared [45–48].
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4.3 Hybrid ZoneFlowTM - pellets reactor design

To optimize use of the heat made available by the high heat transfer performance

of the ZoneFlowTM reactor for the conversion of methane, a hybrid ZoneFlowTM

- pellets reactor design was considered. Figure 14 shows simulations using the

ZoneFlowTM structure in the first three quarters of reactor length and conventional

pellets in the last quarter. The potential increase in throughput is demonstrated by

comparing the performance of a conventional pellets reactor at a feed flow rate of 399

Nm3/h with that of a ZoneFlowTM reactor and of the hybrid ZoneFlowTM - pellets

reactor at a feed flow rate of 500 Nm3/h. Using the hybrid reactor allows increasing

the throughput to 500 Nm3/h while keeping the methane conversion and the process

gas exit temperature at values very close to those obtained with the conventional

pellets reactor at 399 Nm3/h (Figure 14(a)). The maximum tube skin temperature

can also be kept lower, despite the higher heat flux (Figure 14(b)). Furthermore,

the pressure drop with the hybrid reactor at 500 Nm3/h is similar to the pressure

drop with the pellets reactor at 399 Nm3/h. This is critical for recycle or closed loop

systems, especially at low operating pressure. The process gas temperature profile

and pressure drop illustrate how advantage can be taken from using the high heat

transfer-low pressure drop ZoneFlowTM structure in the main part of the reactor,

followed by a short packed bed of conventional pellets to rapidly consume the heat

made available and maximize methane conversion.

Conclusions

The use of a thin coating structured ZoneFlowTM reactor for methane bi-reforming

was studied by means of detailed multi-scale modeling and simulation. Scale-

31



bridging strategies include the use of Langmuir-Hinshelwood Hougen-Watson type

reaction rate equations based on a detailed description of the reaction mechanism

and the rate determining step theory, a pseudo-continuum description of the porous

and tortuous catalyst layer and Reynolds-averaging of the 3D transport equations

with the introduction of effective transport properties and a turbulence model to ac-

count for the effects of turbulence. Radiative heat transfer and thermal conduction

in the reactor tube and in the reactor internals coated with catalyst were accounted

for. Previously and independently determined model parameters for the intrinsic

reaction kinetics and the catalyst layer structure were used as such, whereas the

CFD turbulence model parameters were determined from cold flow pressure drop

tests in a wide flow rate range. The coupled CFD-reaction model was validated

using low-pressure methane bi-reforming pilot plant data.

The ZoneFlowTM reactor was found to significantly increase the catalyst effec-

tiveness, improve the heat transfer and reduce the pressure drop. The latter is

critical for processes that mix recycle gas with fresh methane feed, especially when

operating low pressure and/or aiming at capacity increase. The simulations under

typical commercial conditions show that advantage of improved heat transfer by the

ZoneFlowTM structure in terms of methane conversion can mostly be taken in the

first part of the reactor where reaction rates are intrinsically high. In the last part

of the reactor, observed reaction rates are lower, also due to interfacial mass transfer

limitations. Simulations with a hybrid reactor design show the advantage of combin-

ing a ZoneFlowTM structure in the first part of the reactor with a conventional packed

bed of pellets in the last part of the reactor. The simulations demonstrate that a

25% increase in throughput is possible, without increasing the pressure drop or the

maximum tube skin temperature and maintaining the exit process gas temperature
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and methane conversion at their target values.
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Nomenclature

a m−1 Absorption coefficient

CA mol/m3
g Gas phase concentration of species A

Cs
A,s mol/m3

g Surface concentration of species A

cp J/kg.K Heat capacity at constant pressure

Cεi Turbulence model parameter

Cµ Turbulence model parameter

DAK m2
g/s Knudsen diffusivity of species A

DAm m2
g/s Molecular diffusivity of species A

De,A m3
g/mcat.s Effective diffusivity of species A

Dt m2
g.s Turbulent diffusivity in the gas

Eg J/kg Total (internal + kinetic) energy

g m/s2 Gravity acceleration

hf W/m2.K Interfacial heat transfer coefficient

∆Hk kJ/mol Heat of reaction k

k m2/s2 Turbulent kinetic energy

kg m3
g/m

2
i .s Interfacial mass transfer coefficient

n Refractive index

P bar Total pressure

Pe bar Effective mean pressure

pA bar Partial pressure of species A

Pr Prandtl number

Prt Turbulent Prandtl number

R J/mol.K Universal gas constant
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r m Radial position coordinate or radius

r∗ Dimensionless radial coordinate in the reac-

tor

rk molA/kgcat.s Intrinsic reaction rate of reaction k

Sc Schmidt number

Sct Turbulent Schmidt number

Tg K Gas temperature

Tfurnace K Furnace temperature

T ss K Catalyst surface temperature

Tw K Tube wall temperature

ui m/s i component of the velocity

xi m Distance coordinate in direction i

yA Mole fraction of species A

z m Axial coordinate in the reactor

Greek letters

αAk Stoechiometric coefficient of species A in

global reaction k

αi W/m2.K Convective heat transfer coefficient, bed side

αrs W/m2.K Radiation coefficient for solid phase

αrv W/m2.K Radiation coefficient from void to void

αu W/m2.K Heat transfer coefficient, furnace side

αw W/m2.K Convective heat transfer coefficient in the

vicinity of the wall

β K−1 Thermal expansion coefficient
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δA Expansion coefficient

δij Unit tensor, ijth component

εs m3
g/m

3
cat Catalyst porosity

εc Emissivity of the catalyst material

εw Emissivity of the wall material

ε m2/s3 Turbulent dissipation rate

ζ m Coordinate in the catalyst coating

ηi Catalyst effectiveness factor for reaction i

κ von Karman constant, 0.42

λe W/m.K Effective conductivity

λer W/m.K Effective thermal conductivity in a packed

bed, in the radial direction

λg W/m.K Gas thermal conductivity

λr W/m.K Radiative thermal conductivity

λs W/m.K Solid thermal conductivity

λt W/m.K Turbulent thermal conductivity

µ Pa.s Viscosity

µe Pa.s Effective viscosity

µt Pa.s Turbulent viscosity

ξ Dimensionless coordinate in the catalyst

ρg kgg/m
3
g Gas density

ρs kgcat/m3
cat Solid density

σ W/m2.K4 Stefan-Boltzmann constant, 5.670367 × 10−8

σε/k Prandtl number for ε/k

τ Catalyst tortuosity
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τij kg/m.s2 Shear stress tensor, ijth component
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Tables

Parameter Value Parameter Value

k1 2.69× 1016 exp
(
−226400
RT

)
k−o 1.33× 10−6 exp

(
75955
RT

)
k2 1.95× 109 exp

(
−67130
RT

)
k+′
o 1.67× 109 exp

(
−148916
RT

)
k3 3.44× 1015 exp

(
−210400
RT

) ∼
KCH4 0.1099

K1 10(−11650
T

+13.076) K∗M exp
(

142.5
R

)
exp

(
−123226
RT

)
K2 10( 1910

T
−1.764) KO,H2O 1.7372× 104 exp

(
−60615
RT

)
K3 10(−9740

T
+11.312) K

′′
r 2.51893× 105 exp

(
−95489
RT

)
KCO 8.23× 10−5 exp

(
70650
RT

)
∆H1 224 000 (at 948 K)

KH2 6.12× 10−9 exp
(

82900
RT

)
∆H2 −37 300 (at 948 K)

KCH4 2.68× 10−4 exp
(

38280
RT

)
∆H3 187 500 (at 948 K)

KH2O 2.09× 105 exp
(
−88680
RT

)
∆Hc1 74 870 (at 298 K)

k+
M 5.5619× 104 exp

(
−65053
RT

)
∆Hc2 −131 325 (at 298 K)

Table 1 – Thermodynamic and rate constants for the rate equations

for steam methane reforming on ASC catalyst (see Eqs. 1-4) for

partial pressures expressed in bar and reaction rates in mol/kgcat.h

and for coke formation and gasification (see Eqs. 5-7) [42–48]) for

partial pressures expressed in bar and reaction rates in kmol/m2
i .h.
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Pilot scale Commercial scale

Operating conditions Test 1 Test 2 Typical

bi-reformer

Pressure (bar) 2.5 2.5 2

Flow rate (Nm3/h) 36.9 60.6 399, 500

Space velocity (Nm3/h/m3
r) 1198 1956 873, 1094

Feed gas composition (mol%)

CH4 17.67 17.58 17

H2O 13.87 13.86 13

H2 33.33 33.56 35

CO 17.21 16.99 19

CO2 14.80 14.99 15

N2 2.45 2.30 1

others (C2H6, C3H8) 0.68 0.73 /

Feed gas temperature (K) 884.05 882.55 853.15

Furnace temperature (K) 1358.15 1298.15 1323.15

Table 2 – Operating conditions in the methane bi-reforming pilot

plant tests and as considered for typical commercial operation.

48



Te
st

1
-o

ut
le
t
co
nc
en
tr
at
io
ns

(d
ry

%
)

Sp
ec
ie
s

M
ea
su
re
d

Eq
ui
lib

riu
m

at
Si
m
ul
at
ed

Si
m
ul
at
ed

Si
m
ul
at
ed

Si
m
ul
at
ed

T
ex

it
(1
16
9K

)
R
os
se
la
nd

m
od

el
R
os
se
la
nd

m
od

el
D
O

m
od

el
N
o
ra
di
at
io
n

N
o
co
nd

uc
tio

n

C
H

4
10
.2
3

0.
41

9.
85

9.
86

10
.2
5

11
.5
7

H
2

48
.3
4

58
.5
3

49
.5
4

49
.8

49
.0
6

47
.9
3

C
O

28
.9
2

36
.2
8

28
.7
6

28
.7
5

28
.7
1

27
.1
6

C
O

2
8.
73

2.
83

8.
64

8.
64

8.
73

10
.0
1

N
2

3.
47

1.
95

3.
21

2.
95

3.
25

3.
23

Te
st

2
-o

ut
le
t
co
nc
en
tr
at
io
ns

(d
ry

%
)

Sp
ec
ie
s

M
ea
su
re
d

Eq
ui
lib

riu
m

at
Si
m
ul
at
ed

Si
m
ul
at
ed

Si
m
ul
at
ed

Si
m
ul
at
ed

T
ex

it
(1
17
0K

)
R
os
se
la
nd

m
od

el
R
os
se
la
nd

m
od

el
D
O

m
od

el
N
o
ra
di
at
io
n

N
o
co
nd

uc
tio

n

C
H

4
11
.7
6

0.
35

11
.7
0

11
.7
4

12
.9
1

13
.2
3

H
2

47
.2
3

58
.6
5

47
.3
5

47
.3
2

46
.0
3

45
.8
8

C
O

26
.9
3

36
.3
2

26
.8
9

26
.8
6

26
.3

25
.4
4

C
O

2
10
.3
7

2.
83

10
.1
4

10
.1
6

10
.7
3

11
.4
2

N
2

3.
31

1.
85

3.
92

3.
92

4.
03

4.
03

Ta
bl
e
3
–
Si
m
ul
at
io
ns

of
th
e
bi
-r
ef
or
m
in
g
pi
lo
t
pl
an

t
te
st
s
us
in
g
a
Zo

ne
Fl
ow

T
M

re
ac
to
r.

C
om

pa
ris

on
of

th
e
m
ea
su
re
d

an
d

sim
ul
at
ed

ou
tle

t
co
m
po

sit
io
ns

(o
n
a
dr
y
ba

sis
)
an

d
se
ns
iti
vi
ty

st
ud

y
of

th
e
co
nt
rib

ut
io
n
of

ra
di
at
iv
e
he
at

tr
an

sfe
r
us
in
g
th
e

R
os
se
la
nd

an
d
th
e
D
O

ra
di
at
io
n
m
od

el
s,

an
d
of

th
er
m
al

co
nd

uc
tio

n
in

th
e
re
ac
to
r
in
te
rn
al
s.

49



Si
m
ul
at
ed

P
el
le
ts

Z
on

eF
lo
w

T
M

P
el
le
ts

Z
on

eF
lo
w

T
M

H
yb

ri
d

re
ac
to
r

re
ac
to
r

re
ac
to
r

re
ac
to
r

Z
on

eF
lo
w

T
M
-

pe
lle

ts
re
ac
to
r

39
9
N
m

3 /
h

39
9
N
m

3 /
h

50
0
N
m

3 /
h

50
0
N
m

3 /
h

50
0
N
m

3 /
h

Sp
ec
ie
s
(v
ol
%
)

C
H

4
1.
14

1.
11

1.
85

2.
03

0.
88

H
2

54
.1
3

54
.3
7

53
.2
5

53
.2
7

55
.7
1

C
O

34
.4
2

34
.6
4

33
.8

33
.3
3

33
.7
6

C
O

2
3.
36

3.
21

3.
82

4.
24

3.
01

H
2O

6.
18

6.
02

6.
54

6.
33

6.
05

N
2

0.
77

0.
65

0.
74

0.
8

0.
59

O
ut
le
t

te
m
pe

ra
tu
re

(K
)

11
35
.3

12
91
.5

11
16
.3

12
65
.5

11
47
.8

Pr
es
su
re

dr
op

(m
ba

r)
22
2.
1

60
.1

30
7.
2

79
.0
8

22
5.
31

Ta
bl
e
4
–
C
om

pa
ris

on
of

th
e
co
nv

en
tio

na
lp

el
le
ts

re
ac
to
rp

er
fo
rm

an
ce

w
ith

th
at

of
th
e
Zo

ne
Fl
ow

T
M
an

d
th
e
hy

br
id

Zo
ne
Fl
ow

T
M

-
pe

lle
ts

re
ac
to
rs

un
de
r
ty
pi
ca
lc

om
m
er
ci
al

pr
oc
es
s
co
nd

iti
on

s,
as
su
m
in
g
eq
ua

lr
ea
ct
io
n
ki
ne
tic

s
fo
r
th
e
ca
ta
ly
st
,a

n
im

po
se
d

fu
rn
ac
e
te
m
pe

ra
tu
re

of
13
23
K

an
d
a
fe
ed

flo
w

ra
te

of
39
9
or

50
0
N
m

3 /
h.

50



Figures

Flue gas

Top gas

Reduced iron

Iron oxide

Process gas
Natural gas

Hot reducing gas

Fuel + air

BI-REFORMER SHAFT FURNACE

Figure 1 – Example of a low-pressure bi-reformer used in a closed-

loop iron oxide reduction process.
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(a) (b)

(c)

Figure 2 – (a) ZoneFlowTM reactor casing as used in the bi-reforming

pilot plant tests, (b) generated geometry for the CFD simulations

and (c) visualization of the final mesh used in the simulations, with

local grid refinement.
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Intrinsic kinetics,
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Nano-scale
Complex pore network,

Knudsen diffusion

Micro-scale
Turbulence, Eddy
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Meso-scale
Pressure drop, heat

transfer,
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conversion

Macro-scale
Industrial reactor

performance,
process
optimization

Reaction kinetics:
Langmuir-
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Hougen-Watson

approach

Micro-reactor
experimental

data on intrinsic
reaction kinetics
- varying T and
W/F0

CH4
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transport:

Pseudo-continuum
effectiveness

factors

Catalyst
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porosity
tortuosity

Turbulence &
boundary layers:
RANS, k-ε model,

wall functions

Cold flow
pressure drop
experimental
data - wide

flow rate range

Complex flow
pattern:

Coupled CFD-
reaction model

Pilot plant data:
conversion and
temperature

profiles

Scale
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Figure 3 – Multi-scale modeling approach and scale-bridging strate-
gies.
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(a)

(b)

Figure 4 – sem pictures of the Alloy Surfaces Co., Inc. (ASC) catalyst

with a 100 µm support and a 10 µm Ni catalyst coating used in the

bi-reforming pilot plant tests: (a) cross-section and (b) top view.
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H2O + ` 
 O−` + H2(s1)
(s13) +`

H2 − ` (s12)

+`
2H−`

CH4 + `
(s2)

CH4 − `
(s3) +`

CH3 − ` + H−`
(s4) +`

CH2 − ` + H−`
(s5)

CH2O−` + `
(s6)-r.d.s.: rIII +`

CHO−` + H−`

(s7)-r.d.s.: rI

+`
H−` + CO−`

+ O−`(s8)-r.d.s.: rII+ O−`

CO2 − ` + `

(s10)
CO + `(s9)

+O−`

CO2 − ` + H−`
(s11)

CO2 + `
(s11)

(sc1)

+2`
C−` + 2H−`

+ O−` −`

(sc2)

(sc3)

CNi,f + `

Figure 5 – Reaction mechanism and rate determining steps for steam

methane reforming on an ASC catalyst and for coke formation

(shown in blue). An active site is represented by `. Adopted

from [42–48].
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Figure 6 – Estimation of the catalyst tortuosity from the catalyst

porosity applying the correlations of Beeckman (1990) [50], Akanni

and Evans (1987) [51], Petersen (1958) [52], Weissberg (1963) [53]

and Tomadakis and Sotirchos (1993) [54], tortuosity of the conven-

tional catalyst experimentally measured by Xu and Froment (1989b)

[12] and tortuosity used in this work for the asc catalyst.
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Figure 7 – Intra-catalyst species concentration profiles for typical

commercial bi-reforming process conditions (Ts = 1023 K, P = 2

bar, yCH4 = 0.15, yH2O = 0.125, yH2 = 0.375, yCO = 0.205, yCO2

= 0.14) and corresponding catalyst effectiveness factors. Profiles of

the CH4, CO2 and H2 partial pressures versus the normalized intra-

catalyst coordinate ξ.
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Figure 8 – Cold flow pressure drop tests for the optimization of the

k − ε turbulence model parameters for the ZoneFlowTM reactor and

for verification of the pellets reactor bed density. Measured ver-

sus calculated pressure gradient using the standard and realizable

k − ε and the SST k-ω turbulence models with standard values of

the parameters and using the standard k-ε turbulence model with

optimized values of the parameters (Cε1 = 0.8, Cε2 = 3.2) for the

ZoneFlowTM reactor, and using the Ergun relation for the pellets

(dp = 1.29 cm; εb = 0.56 m3
g/m3

cat).
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(a) Gauge pressure (Pa) (b) Velocity magnitude

(m/s)

(c) Turbulent kinetic energy

(m2/s2)

(d) Gauge pressure (Pa) (e) Velocity magnitude (m/s) (f) Turbulent kinetic energy

(m2/s2)

Figure 9 – Example of cold flow pressure drop test CFD simulations.

Profiles of the (a)/(d) Gauge pressure (Pa), (b)/(e) velocity magni-

tude (m/s) and (c)/(f) turbulent kinetic energy (m2/s2) at the lowest

(Fair = 238 Nm3/h) and highest (Fair = 475 Nm3/h) applied air flow

rates. Cross-sections in the axial direction in a blades sector guiding

the flow away from the wall and in the radial direction at z = 0.1 m

and z = 0.7 m.
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(a) Velocity magnitude

(m/s)

(b) Temperature (K) (c) CH4 mass fraction

(d) Velocity magnitude (m/s) (e) Temperature (K) (f) CH4 mass fraction

Figure 10 – Simulation of the methane bi-reforming pilot plant (a)-(c)

test 1 and (d)-(f) test 2. Contour plots in a centrifugal blades sector

of the (a) and (d) velocity magnitude (m/s), (b) and (e) gas phase

and catalyst temperature (K), and (c) and (f) CH4 mass fraction in

the gas phase and at the catalyst surface.
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Gas: Experimental data Outer wall: Experimental data
Gas: Rosseland model Outer wall: Rosseland model
Gas: DO model Outer wall: DO model
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Figure 11 – Methane bi-reforming pilot plant tests. Comparison of

(a)-(b) the measured and simulated gas and tube skin temperature

profiles, (c)-(d) the measured and simulated exit dry concentrations

using the Rosseland and the DO radiation models. (e)-(f) Simulated

axial profiles of the species mole fractions.61
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Figure 12 – Simulations under typical commercial low-pressure bi-

reforming conditions with a feed flow rate of 399 Nm3/h and an im-

posed constant furnace temperature of 1323K. Comparison between

the ZoneFlowTM reactor and the reference pellets reactor. Normal-

ized axial profiles of the (a) methane mole fraction, (b) process gas

(solid lines) and tube skin (dashed lines) temperatures, (c) outer

tube heat flux and (d) total pressure. Normalized radial profiles of

the (e) methane mole fraction and (f) temperature at mid-height in

the ZoneFlowTM reactor.
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Figure 13 – Coke formation analysis under typical commercial low-

pressure bi-reforming conditions. Simulation with a feed flow rate

of 399 Nm3/h and an imposed constant furnace temperature of 1323

K using a ZoneFlowTM reactor. (a) Cross-section averaged rates of

reaction C-1, C-2 and net rate of coke formation. Contour plots on

the blades coated with catalyst of reactions (b) C-1, (c) C-2 and (d)

net rate of coke formation in the inlet section of the reactor.
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Pellets: 399 Nm3/h
ZoneFlowTM : 500 Nm3/h
Hybrid ZoneFlowTM /pellets: 500 Nm3/h
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Figure 14 – Increase in capacity using a hybrid ZoneFlowTM - pel-

lets reactor. Comparison of a reference pellets reactor operating at

399 Nm3/h with a ZoneFlowTM reactor and a hybrid ZoneFlowTM

/ pellets reactor, both operating at 500 Nm3/h, with a constant

temperature furnace of 1323K.
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