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Abstract The knowledge of the oxidation rate of the oxygen carrier (OC) is essential in designing and
optimizing chemical looping processes. However, the oxidation is usually too rapid that the measured
rate by TGA deviates from the intrinsic ones because of the transport limitations. In this work, a micro-
fixed bed reactor was employed to investigate the oxidation rate of a synthetic Fe-based oxygen carrier
(OC) via temperature-programmed oxidation, and step response experiments carried out at 300-450°C
to lower the oxidation rate as much as possible. The synthetic Fe-based OC showed a very fast initial
stage that consumed all the feed O,, and temperature-dependent Fe conversion after the initial stage.
The experimental results were analyzed by simulations using a 1D heterogeneous reactor model
accounting for potential interfacial mass transfer limitations. Even at a temperature as low as 300°C,
0O was fully consumed in the initial stage, so that only minimum oxidation rates could be estimated.
The estimated minimum oxidation rate is, however, faster than those reported in the literature, and
indicates that Fe in the OC is fully converted within 3s with 2% O, at 450°C. The fast oxidation rate
leads to a sharp reaction front propagating in the reactor at 450°C. Based on the estimated minimum
oxidation rate, we suggest using the rate equation ro,=883*exp(-32000/RT)*(1-xs)*°C0; to estimate
the magnitude of oxidation rate of the Fe-based OC at higher temperature. This estimation indicates
that the oxidation rate is faster than the typical mass transfer rate in a bubbling fluidized bed, and

similar to that in a riser.
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1 Introduction

Chemical looping (CL) processes are promising for not only CO; capture, but also emission reduction,
energy conservation, and value-creation [1-3]. Chemical looping combustion and reforming are the
most widely studied chemical looping processes in the past decades, which contain at least two steps
where the oxygen carrier (OC) respectively reacts with O, (in air reactor, AR) and fuel (in fuel reactor,

FR) [3,4].

The knowledge of reaction kinetics of OCs is of great importance in modeling and designing the CL
processes, especially for scaling-up and their optimization. The thermogravimetric analyzer (TGA) has
been widely used to determine the reaction kinetics as it gives the weight loss/gain of the OC during
reduction/oxidation (RedOx) reactions, seemingly simple for interpretation [5-7]. However, because
the gaseous reactant and product have to diffuse through the stagnant gas in the sample container
(usually a crucible), the fast reactions suffer from significant diffusion-resistance from the bulk gas to
the crucible in TGA [8-11]. Kinetics modeling of the TGA experiments considering the bulk gas
concentration results in significant error in both activation energy and reaction order [9]. In addition,
the flow pattern in the TGA and the dimension of the used crucible differ one from another, making
the lack of consensus in the measured kinetics, especially for fast ones [12]. Micro-fluidized bed (MFB)
has been used to study the RedOx kinetic of the OCs as it provides better heat and mass transfer than
that in TGA [13-17]. Li et al. [18-20] further reported a combination of MFB and TGA for measuring
the RedOx kinetics of different kinds of OC and found a 4 times faster rate in the MFB-TGA reactor
compared to that measured in traditional TGA. The interpretation of the MFB experiments relays on
either a well-mixed assumption for particles (and may be also for gas), or the simulation of the fluidized
bed using the two-phase model in which a number of correlations have to be used, e.g., correlations
for bubble diameter, interexchange coefficient, and interfacial mass transfer coefficient [21,22]. In
addition, the prevailed wall effect in micro fluidized bed results in complicated hydrodynamic
phenomena [23]. Thus, more uncertainties were brought into the kinetics analysis. Typically, low
conversion of gaseous reactant is required for the experiments performed in MFB to allow using the
mean concentration of gaseous reactant in the reactor for kinetics modeling [13,20]. The low gaseous
reactant conversion requires high bed dilution for fast reactions, whereas the main transport limitation
in the fluidized bed is bubble-emulsion mass transfer. As a result, the gas concentration in emulsion
phase (gas around the reactive particles) can be very different from the mean concentration even with

a low observed conversion of gaseous reactant [24], which results in error during kinetic modeling.

Because Fe-based materials are cheap and environmentally friendly, they have been widely studied

as the OC for CL processes [25—-29]. However, as a very active metal, the oxidation of Fe-based OC is
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very fast. Abad et al. [5,30,31] studied the oxidation of both synthetic and naturally existed materials
and observed very high oxidation rate and negligible influence of temperature on oxidation.
Considering the inherent mass transfer resistance in the TGA experiments, the weak influence of
temperature on reaction rate should be verified by other experimental technique. On the other hand,
fast oxidation rate causes high thermal output as oxidation of Fe is highly exothermic, which causes
hot spot and agglomeration with inappropriate reactor. Hu et al. [32] performed the cyclic oxidation
and reduction of MgAl,Os-supported OC with different Fe,03 content in fluidized bed. They found the
OC containing 30%, 40%, and 50% Fe,03 suffered from severe deactivation and defluidization during
RedOx cycles, which is attributed to the hot spot during oxidation. The oxidation rate should be well-
understood to allow selecting appropriate reactor. Li et al. [19] found that, when designing a AR with
the observed oxidation rate in the novel MFB-TGA reactor, the AR should be operated in dilute
transport region for short residence time. These two examples emphasis the importance of studying
the oxidation in well-defined conditions to evaluate the oxidation rate. The micro-fixed bed reactor is
a “simpler” reactor in terms of the flow pattern, and the well-defined reaction conditions can be
achieved to facilitate the data interpretation. For example, the bypass of gaseous reactant, e.g., bulk
flow in TGA and bubble phase in fluidized bed reactor, is negligible in micro-fixed bed reactor if the
bed dilution is in the acceptable range. It is also possible to exclude the external heat and mass transfer
limitations [33], thus, the micro-fixed bed reactor has been widely used in studying the fast reaction

kinetics [34-38].

In this work, a Fe-based, MgAl,O, supported oxygen carrier is designed and synthesized. The
oxidation of the OC by O, was performed in a micro-fixed bed reactor to allow better evaluating the
oxidation rate. The oxidation rate is estimated by modeling the micro-fixed bed reactor with 1-D
heterogeneous fixed bed model. This work gives a fresh view of the ultra-fast oxidation rate of the Fe-

based OC.

2 Experimental

2.1 Prepare the oxygen carrier

MgAl,O, is used as the inert support of OC because it has a very high melting point and hardly reacts
with the active metals [39-41]. The OC was prepared using the wet impregnation. The porous MgAl,0,4
(Puralox MG28, Sasol Germany GmbH) was dried at 120°C before impregnation. Fe(NQOs)3-9H,0 was
dissolved into denoised water with continuous stirring using a magnetic stirrer. MgAl,O, particle was
added into the solution to have 20% Fe,03; on MgAl,O, after calcination. The slurry was then stirred at

80°C to evaporate part of the water in the solution. When it was dense, the slurry was dried at 150°C.
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The obtained sample was calcined in a muffle furnace at 900°C for 2h. Then the particle was pelletized,

crushed, and sieved for the desired size range, 150-200um.

2.2 Experimental setup and procedure

The setup used to study the oxidation of the OC is schematically shown in Figure 1. Two kinds of test,
cyclic oxidation/reduction test and temperature programmed oxidation (TPO) were performed, while
the reduction is not presented here. The cyclic test was performed by oxidizing with O,/Ar mixture and
reducing with Hy/Ar mixture. The flow rate of Argon, 20% O, in Argon, and hydron were regulated
using mass flow controllers (MFC, EF-L from Bronkhorst, and SLA5850 from Brooks). A 4-way
pneumatically actuated valve was used to switch between the reducing gas, H,/Ar mixture, and the
oxidation gas O,/Ar mixture. At both the inlet and the outlet of the reactor, two pressure transmitters
were used to monitor the pressure drop, while the pressure at the exit of the 4-way valve to the vent
was monitored and adjusted with a metering valve to be the same pressure as the inlet of the reactor
to reduce the fluctuation during gas switching. The reactor is made from a 12x10mm Inconel 625 tube.
The OC was diluted with a-alumina particles (dilution ratio ~ 1:5) and then loaded into the reactor. The
packed bed consists of a bottom porous alumina plat (2 mm) with 100 um pore size. A layer of alumina
was put on the plat, upon which was the mixture of alumina and the oxygen carrier. On the top of the
reactive bed, about 5 mm of alumina particle was loaded acting as gas distributor and preheater. Empty
bed test with was performed with only alumina particles and verified the negligible effect of the RedOx
of the tube and the adsorption of reactant by porous alumina. The effluent gas was continuously
analyzed by the mass spectrometer (QGA, Hiden analytic) and the gas sample was taken directly from
the exit of the reactor to have the best transit measurement. H,, Ar, and O, are measured at m/z = 2,
20, and 32 respectively. Using m/z=20 to measure Argon allows having similar peak density of Ar and
other gas to increase the measuring frequency. During oxidation, O, and Ar were measured while
during reduction, H,, H,0, and Ar were measured. The mass spectrometer was calibrated before each

reduction or oxidation test to ensure stability and accuracy.

The TPO was performed with fresh OC. Firstly, the OC was reduced at 800°C. Then the reactor cooled
down while being pressurized to 3bar with a continuous flow of Ar. After the reactor cooled down to
room temperature, the pressure was reduced to ambient pressure, and the gas was switched to 100
Nml/min 2% O3 in Ar. Then the furnace was heated up with 4.5°C/min ramping. The gas at the exit of

the reactor was continuously measured.

At the beginning of the cyclic oxidation/reduction experiments, the reactor was heated up under Ar
(from oxidation stream) flow with 10°C/min ramping. During this time, the MS was stabilized using the

desired O,/Ar mixture. After stabilizing, the MS was calibrated with 20% O, in Ar and then switched
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back to measure the desired reacting steam for at least 5 min to ensure stability. When the MS was
certainly stabilized, the MS was connected to the exit of the reactor to measure the gas from the
reactor, which was pure Argon at this time. After reaching the desired temperature, the Ar flow rates
of both reduction and oxidation were increased to the same flow rate, 600 ml/min. The metering valve
on the 4-way valve venting line was adjusted to have the same outlet pressure in both lines. When the
pressure was stabilized, the gas was switched to reacting gas. The MS usually observed an O,-free
period, then a gradual increase of the concentration of the reactant. After the gas concentration
became the same as feeding gas for about 1 min, the gas was switched to Ar again to purge the reactor
for 2 min. The O,/Ar mixture was switched back again to verify if the reaction was actually finished and
to verify the step response. Usually, this second step took 2 min and was followed by the purging of
the reactor using Ar. The oxidation/reduction test was repeated more than 40 times and no
deactivation was observed. The experimental conditions are summarized in Table 1. The oxygen
uptake is calculated by trapezoidal integration:

Ti

=, Frot 05 (6y05 + 6y0571) - (T = TY) (D

i ------------------ g% | to vent
A

Metering
valve

4-way-valve

To vent

Figure 1. Schematic of the setup for the kinetic test.

Table 1. Experimental conditions.

Reactor diameter 0.01m
Total flow rate 600 Nml/min
Temperature 300 —-450°C
0, concentration 1-20%
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2.3  Microstructure
The microstructure of the OC is characterized using SEM. Figure 2 shows the SEM images of the
Sasol-MgAl,O4 and the oxygen carrier with 20% Fe,0s. It is seen that the inert support particles are

porous spheres with 10-30um diameter. The right figure shows the impregnated Fe,0s exists like fine

filaments on the inert support that may favor gas-solid reactions.

Y ~ " T S
Fq'ffidu . . ;
-3 ] Sy 2 =4 :

o~

2pm EHT = 10.00 kv Signal A= SE2 EHT = 5.00KkV Signal A= SE2
Mag= 500KX WD = 30MM  aeiesi-eorm Mag= 5.00KX WD= 58mm

Figure 2. SEM image of the (left) inert support (MgAl204) and (right) 20% Fe203 on MgAlz0a.

3 Modeling the oxidation experiment

3.1 The heterogeneous fixed bed model

The reactor is modeled with a 1-D heterogeneous fixed bed model with axial dispersion, considering
the gas-solid mass and heat transfer [42], as schematically shown in Figure 3. Usually, the experiment
in a micro-fixed bed reactor should guarantee negligible axial dispersion by imposing high superficial
gas velocity. However, in this work, this is limited by pressure drop (with 600Nml/min the pressure
drop in the reactor is about 0.15 bar at 450°C). Thus, the axial dispersion term is considered. The

continuity and energy equations of the bulk gas phase are:

OCA aCA aZCA
5 = Yo g, (SgDA 3 |~ kgaveas(Ca — Cis) @)
oT oT s
£9PoCo g = ~UsPoCo, — hyaves(T = T9) ®

where C, and Css are respectively the gas concentration in bulk gas and on solids surface, [mol/m?,],
£y is the void fraction of gas in the micro-fixed bed, [m?;,/m?], us, is the superficial gas velocity,
[m3y/m?.s], Dais the diffusivity of reactant A, kg is the interfacial mass transfer coefficient, [m?,/m?,-s],
a,=6/d, is the specific surface area of particles, [m?/m>], € is the fraction of active solids, [m?./m?/],
T and T are the gas and solids surface temperature,[K], py is the density of gas, [kg/m?;], C,is the

specific heat capacity, [k//kg-K], hsis heat transfer coefficient around particles, [kJ/m?:s].

6
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Figure 3. Schematic of 1D heterogeneous fixed model.

The boundary conditions are:

atz=0
ac )
UsgCp = (sgDA a_zA> +Fin )
T'=T, (5)
atz=L
aC,
=0 6
e (6)

The continuity equation of gaseous species on the active particles is:

acs
€as€yg a_ts = ‘Saskgav (CA - C/fs) — PasTa (C/{s' Ts) (7)

where €, is the voidage fraction of the particles. The continuity and energy equations of solid phase

are:
dCs
Tt ®)
dTs s
(1 - gg)pscp,s_ = hfav(1 - gg)(T —T5) — AHpgs1y )

dt

where C; is the concentration of solids reactant, [mol/kg®]. The mass transfer coefficient between

the bulk gas and solids is calculated as following [42]:

joG -2

k, = Sc'3
g MmeA

(10)
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where 6, is the expansion factor that is -1 for oxidation of Fe by O,. The diffusivity of A in B, Das, is

calculated by the semiempirical relation of Fuller-Schettler-Giddings [43]:

10737175 (MLA + MLB)O'S

1 172
pe| v + Cvp)3]

(15)

Dyp =

Hm = Z Yilj (16)
where M4 and Mg are in [g/mol], p: is pressure in atm, temperature is in K.

3.2 Modeling the oxidation reaction
The 1-D heterogeneous fixed bed model requires a particle scale model to calculate the reaction
rate, 14 (Cis, Ts). In this work, an empirical gas-solid reaction model is used and the reaction rate is

postulated to be first order with respect to O:
o, = k(1 — xs)"CSZIS a7

With n equal to 1, 2/3, 0.5 and 0, the model represents homogeneous model (F1), tri-dimensional
shape and bi-dimensional shape contracting phase-boundary controlled reaction, and zero-order
model, respectively. In the first step, n and k, were fitted as parameters. Then model with the closest
n as the best fit of n is used to simulate the reactor. The oxidation is one-step process, as indicated by
Grosvenor et al. [44,45]:

4 2
§Fe +0, - §Fe203, AH? = —549.5 [k] - mol™1] (18)

It is noted that the stiffness of the PDEs coupling flow and reaction is significant due to the fast

reaction. In addition, the reaction suddenly stops when all the Fe is oxidized leads to numerical
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instability, especially when n<1. These two features of the PDE set make solving the equation set a

hard task. To ease the instability, the F2 model is used in the ending period of the oxidation with:
To, = PoxkrCis(1 = x5)?, for (x; > 0.95) (19)

where @,, = 0.05"/0.052. This treatment didn’t change the results in the simulation before x;

reaches 0.95 while keeping the continuity of the oxidation rate.

3.3 Objective function and software

The objective function below is considered:

2

FonsUers) = D" (a2 = ybs™ (hy,m) 20)

where y(i)’:xp' is the O, exit concentration at i/ time during the oxidation experiment while

yoi’ZSim' (k,,n) is the exit O, concentration at i"time with parameter k, and n.

To solve this PDE equation set, a spatial grid size similar to the particle size was used to allow
simulating the very rapid gas-solid reaction. The first-order upwind differencing scheme was used for
the convection term, while the second-order centered differencing scheme was used for the diffusion
term. Julia programing language [46] was used because of its complete ecosystem of ODE solvers, and
the package DifferentialEquations.jl [47] was to solve this problem. The KenCarp47 solver, an A-L stable

stiffly-accurate 4th order seven-stage ESDIRK method with splitting, was used for time integration [48].

4 Results

4.1 Temperature programmed oxidation

Firstly, the TPO test was performed with 2% O, in Argon and the result is shown in Figure 4. The
detectable consumption of 0O, started below 100°C. The consumption of O, increased with
temperature and there are two O, consuming peaks at ~275°C and 430°C respectively. Actually, the
oxidation of Fe by O, was found to occur at room temperature and the product is Fe;0s, but the growth
of the product layer is limited at low temperature that limits the conversion of Fe [45]. In addition,
Grosvenor et al. [44] found the thin film of Fe-oxide formed after short oxygen exposure time consisted
of Magnetite and Maghemite, indicating the cationic diffusion in the product layer. Hence, the
oxidation of Fe by O, is one-step to Fe,0s, while the dual-peaked curve is the result of the activation
of cationic diffusion in the grains. Buelens et al. [49] used in-situ XRD to study the oxidation of Fe by
CO; and found the metallic Fe was oxidized one step to Fes0, while the reaction started being

detectable around 300°C. Generally speaking, it is much easier that Fe being oxidized by O, than that
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by CO,. Thus, further oxidation experiments were carried out 300-450°C to lower the oxidation rate as
much as possible. Although the experimental temperature was very low compared with the typical
temperature in chemical looping processes practices, it did represent the oxidation of Fe because the

two peaks of consuming O; are around 275°C and 430°C.

0.0

100 200 300 400 500 600

Temperature | C]

Figure 4. Oz concentration difference during TPO with 2% Oz with 5°C/min ramping.

4.2 Influence of temperature on the observed oxidation rate

Oxidation was tested at different temperatures with 0.75g of OC (blended with Al,O3; for ~4g bed
material) with various oxygen concentrations. The exit O, concentration was the only measured
parameter during the oxidation experiments and it represent the observed oxidation rate. Figure 5
shows the O, breakthrough curve and O, uptake in [mmol] for the experiments with 1% O; in Ar at
300-450°C. It is seen that the exit O, concentration was always zero during the initial reaction period,
even at a temperature as low as 300°C that is much lower than the temperature in the chemical looping
practices. As O, was fully consumed for every temperature, the observed initial oxidation rates were
the same that was limited by the supply of O,. The flow rate of reacting gas can, however, not be
increased as the pressure drop became unacceptable at higher flow rate. Reducing the OC loading in

the reactor will be discussed later.

After a certain time, the O, concentration increased, and the time required to detect a significant
concentration of O, increased with temperature. Further increase of oxidation temperature upon
450°C did not increase O; uptake. The maximum O, uptake of 0.75g OC was ~1.14 mmol at a
temperature higher than 450°C, indicating that the OC contains ~16% active Fe,03.As O, was consumed
exclusively for the oxidation of O,, the Fe conversion after the initial fast period was temperature-
dependent. At lower temperature, the oxidation conversion increased slowly after the initial fast stage,
which is explained by the fact that the oxidation of OC includes a kinetic-controlled fast stage and a
slower diffusion-controlled stage [50]. Actually, Grosvenor et al. found that the Fe,03; product layer

was formed almost instantly on pure Fe even at room temperature and the oxide layer was thicker at

10
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higher temperatures while the thickness of the oxidation layer increased very slowly, indicating the
oxidation conversion after kinetic-controlled stage was also temperature dependent between 25-
150°C [44,45]. Thus, the temperature-dependent Fe-conversion is explained by different product layer
thickness formed at different temperature. The temperature-dependent conversion was also observed
in the oxidation of Nickel foil at 800-1000°C. Zhao et al. [51] observed an O free period during
oxidation of Ni foil and the Ni conversion was slightly higher at a higher temperature after the initial

O,-free period.

|
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Figure 5. Oxidation of OC with 1% O3, at different temperatures, left) exit Oz concentration, right) accumulated
O uptake. moc=0.75¢, Ftot=600 Nml/min.

4.3 Influence of O, concentration on the observed oxidation rate

Higher O, concentrations for oxidation of the OC was also tested with 0.75g of OC. Figure 6 shows
the results of oxidation of the OC at 450°C with 6% and 20% O,. Both the first step response with
oxidation and the second response without reaction are shown. The O,-free period was also observed
with a higher O, concentration, indicating the oxidation kinetic being extremely fast. Actually, if the
conversion-time curves with different O, concentration are compared, a perfect first order oxidation
reaction with respect to O, would be concluded. However, as the exit O, concentration was zero in the
initial fast stage, the inlet O, concentration should not be used for the interpretation of oxidation
kinetics. It should be noted that, as the oxidation is highly exothermic with a reaction enthalpy of
AH,=549.5 [ki/molo,], a temperature rising was recorded during the oxidation, and the recorded peak
was higher with higher O, concentration, i.e., more than 50°C with 20% O,. The temperature rising
with higher O, concentration also led to a sharper O, breakthrough curve because of the fast rate at
the higher temperature, as shown in Figure 6b. Kinetically interpretation of the non-isothermal data is

generally not possible because of the complicated physical and chemical processes involved [42].

11
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Figure 6. Oxidation of 0.75g OC with different Oz concentration, (a) 6% Oz, (b) 20% O:. For both figures, left axis
for Oz concentration at the exit of the fixed bed reactor and right axis for Oz uptake. Fiot=600Nml/min.

4.4 Influence of OC loading on the observed oxidation rate

Lower OC load was tested to confirm the ultra-fast oxidation rate. Figure 7 shows the result of the
oxidation 0.15g OC (OC-to-Al,03 mass ratio is about 1:5) at 450°C with 1% O,. The O; concentration
was zero in the initial period of the first step response even with such low OC loading, indicating the
oxidation being ultra-fast. The O, breakthrough came at about 45s. The O, breakthrough in the second
step response was sharper than that of the first step response, indicating the oxidation rate became
slower when the Fe approaching fully converted, which is explained by the oxidation shifted from
kinetically-controlled stage to diffusion-controlled stage. Due to the higher dilution ratio and the low
0, concentration in this test, the temperature rising in this test is below 5°C. Thus, the oxidation rate

was estimated using the experimental results with 0.15g OC.
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Figure 7. Oxidation of 0.15g OC with ~1.05% O2 in Argon at 450°C, Fio: = 600NmI/min.
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5 Discussion

As the O, concentration was always zero in the initial period of the oxidation, it is not possible to
estimate the upper limit of the oxidation rate as a very high oxidation rate also leads to full
consumption of O,. In addition, the information of the variation of oxidation rate with increasing of Fe
conversion is largely missing. It is thus not possible to discriminate from different reaction mechanisms.
However, the lower limit of the oxidation rate to allow fully consuming O, can be estimated, which is

achieved by modeling the fixed bed reactor coupling mass transfer and oxidation reaction.

5.1 Estimating the minimum oxidation rate

With the empirical rate equation and n=0-1, Eq.(17), it is determined that the k, should be at least
~1.3 to allow fully consuming O,, while the O,-free time increases with k,. With k, = 4.31 [m?,/kgocs]
and n = 0.684, the simulation of the fixed bed reactor with the 1-D model showed similar exit O,
concentration curve compared with the experiment at 450°C. Further increase k, to be greater than
4.31 didn’t improve the fit. The phase-boundary controlled reaction (contracting volume) model
(n=2/3) was therefore used to simulate the reaction and the comparison between the simulation, and
the experimental results of the oxidation with 1% and 20% O, is shown in Figure 8. Although the model
predicted an earlier O, breakthrough, in general, the model fit the experimental results well with a

R?=0.997. Therefore, the obtained rate expression:

(22)

mol
ro, = 431(1 — x:)2/3C,,, [—02]

kgoc - s

is a good estimation of the minimum oxidation rate at 450°C. It is also noted that the O, has been
fully consumed at 300°C in the initial period, indicating the initial oxidation rate at 300°C should also
be in the same magnitude. The rate equation, Eq. (22), is an estimation of the minimum oxidation rate
at 450°C. Admittedly, this doesn’t mean the mechanism of the oxidation of the OC is phase-boundary
controlled. The O, concentration was zero before about 45s, the initial local oxidation rate, and the
evolution of reaction rate with oxidation conversions are unknown. The oxidation may be much faster
in the initial period (e.g., AE0.5 model), or slightly slower in the initial period but increased to the
maxima with intermediate conversion (e.g. AEn model with n > 1). It is, however, not possible to be
discriminated against those models with the experiments in this work. Moreover, this rate equation
doesn’t represent the reaction mechanism of the oxidation of Fe as it doesn’t predict a dual-peaked
TPO curve. Actually, the three-dimensional diffusion grain model, ro,=4.31/(2*(1-x)*>-1), predicts a
very similar O, exit concentration as the used model. Eq.(22) is only an estimation of minimum

oxidation rate.
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Figure 8. Comparison between the exit Oz concentration in experiment and simulation. Exp. condition: (a) 0.15g
0C, 1.05% Oz in Ar, (b) 0.75g OC 20% O, simulation: kr = 4.31 [m3y/kgoc's], n = 2/3.

5.2 Transport limitations within the experiment fixed bed

When the reaction is very fast, the interphase and/or intraparticle mass transfer resistance lead to
a significant concentration difference between bulk gas and gas on solids or gas concentration gradient
inside particles. Therefore, using the gas concentration in the bulk gas to calculate the reaction rate
results in significant error. In the tested condition, the superficial gas velocity was about 0.337
[m3,/m?s]. Considering the mixture of 1% O, and 99% Argon, the mass transfer coefficient is, k,=0.750
[m3,/m?,-s]. The maximum mass transfer rate is k,a, Coz/ps=1.97 [mol/kgoc-s] that is about 3 times of
the estimated rate (with the bulk O, concentration), i.e., k,Co>= 0.762 [mol/kgoc's]. Regarding the kg,
Petrovic et al. [52] proposed &jp=0.357-Re,*3>° for low Reynold number flow (Re>3). This correlation
gives k,=0.425 [m?,/m?,s] (with £=0.37), which is in the same magnitude as the one used in the
simulation. As the mass transfer rate in the fixed bed reactor for the kinetic test is not significantly
greater than the estimated rate, the concentration difference between the bulk gas and gas on the
solids is significant. The mass transfer phenomenon was accounted for in the simulation. Figure 9
shows the simulation of the evolution of the Fe conversion, O, concentration, and concentration
difference between bulk gas and gas on solid in the micro-fixed bed reaction with the estimated
minimum oxidation rate. A clear reaction front is seen, indicating the conversion of Fe occurs only in a
narrow region of the fixed bed where O, is fully consumed, as shown in Figure 9a and b. The
concentration difference between the bulk gas and gas on solids surface is about 0.02 [mol/m?;] that

is about 1/6 of the O, in bulk gas (e.g., the 3™ spatial point at 5s, C0,=0.12[mol/m?>,], AC0,=0.021).

The intraparticle diffusion, which is not modelled in this work, can be quantified using Thiele module.

$=R fkrps/Deff (23)
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where ¢ is the Thiele modulus, n is the effectiveness factor, D¢y is the effective diffusivity =
&/1(1/Di+1/Dam)? that considers the influence of particle voidage, &;, tortuosity, T, Knudsen diffusion,
Dy, and diffusion of A in mixture, Dam. The Knudsen diffusion is calculated by
Di=1.94(e+/Sepre203)(T/Mw)*?, where T is absolute temperature, M, is the molecular weight of gaseous
species [53]. With &=0.5, t=3, S,=0.5 [m?/g], Des= 9.05x10° [m?/s], the effectiveness factor n=0.684.
Thus, the intraparticle diffusion is also significant in the oxidation. Actually, strong intraparticle

diffusion limitation indicates that shrinking core model is suitable for describing the gas-solid reaction.
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Figure 9. Profile of (a) Fe conversion, (b) Oz concentration, (c) concentration difference between bulk gas and
gas on solids at different time. Simulation, moc=0.15g, yo2=1%, kr = 4.31 [m3y/kgoc-s], n = 2/3.

5.3 Comparison of the oxidation rate with that reported in the literatures

Measuring the oxidation rate of Fe-based OC is changeling because it is extremely fast. The observed
oxidation rate is affected largely by the transport phenomena in the experimental setup. As a result,
some literature reported very low activation energy that is lower than typical adsorption heat or mass
transfer (the apparent activation energy for mass transfer is ~30 kJ/mol [42]). In this work, we
determined the minimum rate constant for a ~40s O,-free period with the shrinking core model. The

rate equation in terms of solids conversion is expressed as:
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dx, 1 4 2z
T C—Fe§r02 = 0.53 k(1 — x5)3C;, (25)
where Cr=2.5 [molre/kgoc], k>4.31[m3y/kgoc's] at 450°C. For comparison, some reported fast
oxidation kinetics are summarized in Table 2 and they are compared with the kinetic estimated in this
work. Among the reported oxidation kinetics from ICB-CSIC, the one reported by Cabello et al. [31] is
a fast one. Liu et al. [18] used the novel micro-fluidized bed thermogravimetric analysis (MFB-TGA)
setup and reported a ~4 times faster rate than that measured in conventional TGA. Although the
reported OC was perovskite, the oxidation finished in ~5s that is an ultra-fast one among the literature.
It is noted that the fast oxidation kinetics are measured at high temperatures [18,31], while low
activation energies were concluded. Thus, extrapolation them to relatively low temperature would not
lead to an unrealistically low rate. Buelens [49] investigated the oxidation of Fe by CO, using in-situ
XRD and reported an activation energy of 108.4 [kJ/mol]. The reaction started from as low as 300°C
and could finish below 450°C. Therefore, it is reasonable to compare all oxidation kinetics at 450°C.
The solid conversion-time curves of the reported kinetics are compared with the observation in this
work in Figure 10. Clearly, the reported minimum oxidation rate in this work is faster than those
reported in the literature. It should be noted that Cabello et al. [31] investigated the RedOx system of
Fe,05-Fes04, corresponding to the Fe conversion between 0.88 and 1 in this work. It is noticeable that
the oxidation kinetics reported by Buelens et al. [49], using CO,, is even faster than those using O,. It

seems that the oxidation kinetics measured at high temperature in TGA are questionable.

Table 2. Some reported fast oxidation kinetics.

Oxygen carrier Rate equation Reference
dx 23,000 Cabello et al.
Fe,O -Al,O s . (_ ’ ) 0.9
€,03 on y-AlO; It 0.346 - exp BT 0, 31]
) dx 18,770 2 .
CaMngsTio.375F€0.12503-5 d_ts =38- exp <_ o7 ) (1 — x5)3C02 Liu et al. [18]
dxg ; 108,400
dt = 2.39-10"exp(———%-—)(1 Buelens et al.
Fe,0s3 on MgA|204 t RT
2 [49]
— x5)3Cco,
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5.4 The consequence of the ultra-fast oxidation rate

Because of the ultra-fast rate, the oxidation is generally mass transfer limited in the operating
temperature range of chemical looping processes. It is shown in this work, even at a temperature as
low as 300°C, accurately measuring the oxidation rate was not achieved. Grosvenor et al. [45] studied
the oxidation of Fe at 25-150°C and concluded the activation energy is about 32 [kJ/mol]. We suggest
to use this activation to extrapolate the oxidation rate as an estimation of the magnitude of the
reaction rate at a higher temperature. Because the estimated rate is the minimum rate at 450°C, and
the activation energy is relatively low, it is not expected to overestimate the oxidation rate when

extrapolating to a high temperature. The rate equation can be then written as:

32,000( 1 1
723 T

2
1o, = 4.31exp < (733~ —)) (1 —x5)3C3, (26)

The interphase mass transfer rate is related to the gas-solid slip velocity. In a bubbling fluidized bed,
the diffusivity can be calculated with Sherwood number Sh=kyd,/Defr = 2&m+0.69-Rep®°Sc/? [54]. The
minimum fluidization velocity for the considered OC is 0.019 [m?;/m?-s] (calculated at 1073K with air,

same below). With €,=0.5, k;=1.21 [m/s], and the maximum mass transfer rate is:

kga"c =1.21x 6
ps 02T 150 - 10~6 x 2300

2.385 = 42 87[ molo, ] 27)
X 2. = . —_—
kgoc - s

which is lower than the oxidation rate with extrapolation to high 1073K (~58.36 [molos/kgoc-s] with
bulk O, concentration). In this case, the oxidation will be completely limited by interphase mass
transfer. In addition, the bubbling-emulsion mass transfer is much slower than the gas-solid mass
transfer in BFB. The fast oxidation rate leads to the depletion of O, in the emulsion phase. Therefore,

BFB is not suitable for oxidation even don’t consider the hot spot problem. Higher slip velocity can be
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achieved in a riser reactor and the maximum slip velocity is the terminal velocity of particles. The
terminal velocity of the OC particle (0s=2300 [kg/m?3], d, = 175um) is 1.48 m/s. The interphase mass
transfer coefficient, k,, is about 2.671 [m?,/m?,-s]. The initial mass transfer rate, when the surface

species concentration is zero, is:

a
— Cp, = 2.671 X

k
Ds 150 - 10-6 x 2300

moly,
g X 2.385 = 94.938 [—=— (28)

kgoc - s

That is just slightly higher than the oxidation rate extrapolated from the observed rate (~ 58.361
[moloz/kgoc:s] with bulk O, concentration). Thus, mass transfer still plays an important role in the

oxidation of the Fe-based OC in the riser.

6 Conclusion

In this work, we reported the experimental study of the oxidation of a newly synthesized Iron-based,
MgAl,04-supported oxygen carrier (OC). The OC shows a porous structure that facilitates the diffusion
of gaseous reactants into the solids. The oxidation of the OC was studied in a micro-fixed bed reactor
with a mass spectrometer measuring the effluent gas. Different OC loading (0.75g and 0.15g), Oz
concentration (1%, 6% and 20% with total flow of 600NmI/min) and oxidation temperature (300-450°C)
were tested. The Fe-based OC showed an initial fast oxidation period during which the exit O, was
always zero at all the tested temperature. In every test at 450°C, O, was found fully consumed until

the OC was nearly fully oxidized, indicating an ultra-fast oxidation rate.

The oxidation rate was evaluated by modeling the fixed bed with a 1-D heterogeneous bed reactor
model accounting for the interfacial mass transfer. The empirical gas-solid reaction model was used.
Unlike the typical treatment in the literature where the mean concentration of reactant was used while
well-mixed solids phase was assumed in kinetics interpretation, the local gaseous reactant
concentration and Fe conversion were modeled in evaluating the reaction kinetics. This method
enables processing the experimental results with high conversion of gaseous reactant. The estimated
minimum rate constant shows that the oxidation rate is very fast that finished within 4s in 2% O, at
450°C. The estimated minimum oxidation rate is in the same magnitude of mass transfer in the micro-
fixed bed reactor, which also indicates that the intraparticle diffusion played an important role in the
oxidation. Extrapolating the reaction rate using relatively low activation energy reported in the
literature shows that the oxidation rate is expected to be faster than the mass transfer rate in bubbling

fluidized bed and in the same magnitude of mass transfer in the riser.
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