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A B S T R A C T   

In this work, we propose a catalyst-enhanced autothermal chemical looping reforming (CE-aCLR) to address the 
environmental concerns associated with toxic Ni-based oxygen carrier (OC) and the low fuel conversion related 
to the low reactivity of Fe-based OC. In this process, a non-toxic noble-metal-based steam methane reforming 
(SMR) catalyst is employed for methane conversion, while a Fe-based OC is employed for oxygen transfer be
tween two reactors. Firstly, a commercial Rh-based SMR catalyst is studied in a micro-fixed bed reactor and its 
intrinsic reaction kinetics are determined. Then, a 1-D CE-aCLR model is developed based on a verified multi- 
scale aCLR model to facilitate analyzing commercial-scale feasibility. This model accounts for the essentials of 
the reactor hydrodynamics, mass and heat transfer, detailed reaction kinetics, and the influence of the solids 
residence time distribution in the fuel reactor. The main dimensions of a commercial CE-aCLR unit are deter
mined and this unit is simulated using the developed model. The results demonstrate the feasibility of the novel, 
environmentally friendly process that enables high methane conversion using Fe-based OC within realistically 
sized reactors and an acceptable solid circulation rate. Moreover, sensitivity study shows that the CE-aCLR allows 
using OCs with low activity (potentially low cost) while maintaining high CH4 conversion.   

1. Introduction 

Industrial development has resulted in a massive increase in green
house gas (GHG) emissions, which have caused climate change and 
more frequent and intense weather extremes [1]. Ihe IPCC has empha
sized the need for immediate action to reduce GHG emissions, stating 
that “the time for action is now” in its latest report. CO2 is the most 
prominent GHG, and its reduction requires action in every sector. 
Several CO2 capture technologies have been developed at various stages 
of the energy conversion process, including oxyfuel combustion, calcium 
looping, integrated gasification combined cycle, and chemical looping 
[2,3]. 

Many industrial processes rely on the production of syngas and/or 
hydrogen through methane reforming, which is primarily derived from 
natural gas [4,5]. These processes include methanol production, Fischer- 
Tropsch (F-T) synthesis, and ammonia production [6–9]. The 

petrochemical, ammonia, and methanol industries account for roughly 
90% of global hydrogen production, with 100% of the hydrogen used for 
ammonia production being produced by natural gas reforming [10,11]. 
Steam methane reforming (SMR) has been the dominant technology for 
methane conversion for several decades. Conventionally, SMR is carried 
out in tubular reactors (ca. 12 m long, 0.1 m in diameter) catalyzed by a 
Ni-based catalyst. Commercial scale SMR plants have hundreds of such 
reactor tubes suspended in a gas-fired furnace, which provides the heat 
for the endothermic methane reforming reactions [12–14]. Under the 
tightening environmental regulations, CO2 capture is foreseen to be 
incorporated into SMR plants to reduce their CO2 emissions, in partic
ular from the furnace [10]. This is a challenging and costly undertaking 
Furthermore, heat transfer limitations from the furnace to the tubular 
reactors are known to determine the performance of SMR and to nega
tively impact their energy efficiency. Furthermore, the H2-to-CO ratio of 
syngas produced from SMR is typically 3, while downstream processes 
such as F-T synthesis and methanol production require a ratio of around 
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Nomenclature 

Latin letters 
av Specific interface area per unit of reactor, [m2

inteface/m3
r ] 

A(ki/KA) Pre-exponential factor of reaction rate constant or adsorption 
constant 

Ar Archimedes number, [-] 
CA

b , CA
e , CA

s Concentration of gas species in bubble, emulsion phase and on 
catalyst surface, [molA/m3

g] 
Ci

k Concentration of species i at k condition, see the meaning of the 
subscripts and superscripts, [moli/kgOC] for solids and [moli/ 
m3

g] for gas 
Cp Specific heat of gas or solids, [kJ/kg⋅K] 
dt, dp Reactor diameter, and particle diameter [m] 
DEN Denominator in the rate equation of catalytic SMR reactions 
DAR/FR Diameter of the AR/FR, [m] 
Deg, Des Effective diffusivity of gas/solids in emulsion phase [m2

r /s] 
Di, D0,i Diffusivity in the rate equation of the reduction of FeOx by H2, 

[m2/s] 
Ds Diffusivity in the rate equation of the reduction of FeO by CO 

with the random pore model, [m2/s] 
Eai Activation energy of i reaction, [kJ/mol] 
E(t) Residence time distribution of solids in the FR, from step- 

response simulation of the FR using axial dispersion model, [-] 
fb, feg, fes Fraction of bubble, emulsion gas and solids in the bubbling 

fluidized bed reactor, [m3
b/eg/s/m3

r ] 
FA

b , FA
e Flow rate of A species in bubbling or emulsion phase, [mol/ 

m2⋅s] 
FO2 Flow rate of O2 in the AR, [mol/m2⋅s] 
g Gravitational acceleration, [m/s2] 
Gg Gas feeding rate, [kg/s] 
hi the enthalpy of gas or solids species, [kJ/mol] 
hf Heat transfer coefficient, [kJ/m2⋅K⋅s] 
HAR/FR Height of the AR/FR, [m] 
kI Interexchange mass transfer coefficient between the bubble and 

emulsion phase, [m3
g/m2

r ⋅s] 
ki,j Kinetics constant of the reduction of i solids species with j 

gaseous species, see the meaning of the subscripts and 
superscripts 

kg Gas-solid mass transfer coefficient, [m3
g/m2

inteface⋅s] 
k1, k3 Kinetics constant of SMRI and SMRII reactions, [mol/ 

kgcat⋅s⋅bar0.5] 
k2 Kinetics constant of WGS reaction, [mol/kgcat⋅s⋅bar] 
KI, KIII Reaction equilibrium constant of SMRI and SMRII reactions, 

[bar2] 
KII Reaction equilibrium constant of WGS reaction, [-] 
KCH4, KCO, KH2 Adsorption constant of CH4, CO and H2, [bar− 1] 
KH2O Adsorption constant of H2O, [-] 
Keq,i Equilibrium constant of i reduction reaction, [-] 
L0 Length of the pore system per unit volume m− 2 in rate equation 

of the reduction of FeO by CO, [m] 
mi

k Molar flow of i species (can be gas and solids species) at k 
condition 

ṁs Solids circulation rate, [kgs/s] 
p Pressure [bar] 
pA Partial pressure of A (A = H2, CH4, H2O, CO, CO2), [bar] 
pO2 Partial pressure of O2 on OC surface during oxidation, [bar] 
r0 Initial (average) grain radius, [m] 
r1, r2, r3 Reaction rate of SMRI, WGS and SMRII catalytic reactions, 

[molr/kgcat⋅s] 
rFe, rO2 Fe and O2 consuming rate in the AR, [molFe/kgOC⋅s], [molO2/ 

kgOC⋅s] 

ri,j, Consumption rate of i solids species during the reduction of i 
solids species by j gaseous species, [moli/kgOC⋅s] 

RA
SMR/Red Overall reaction rate of A species in SMR or reduction 

reactions, [molA/kgcat/OC⋅s] 
RA

WGS Reaction rate to reach equilibrium of water gas shift, [molA/ 
m3

r ⋅s] 
Ri

ave The volume-averaged reaction rate of i solids species with the 
mean reaction driving force accounting for the residence time 
distribution of particles in the FR, [moli/kgOC⋅s] 

Ri(xi
ave) The reaction rate of i solids species calculated with the mean 

reaction driving force and mean solids conversion, [moli/kgOC⋅ 
Re Reynold number [-] 
S0 initial specific surface area of inside a particle m− 1 in rate 

equation of the reduction of FeO by CO [-] 
sCO2,sCH4 Selectivity to CO2 in SMR tests and selectivity to CH4 in 

methanation and reverse of water–gas-shift (RWGS) test 
Tm1, Tm2 Mean temperature during methanation and RWGS and SMR 

test, [K] 
ueg Emulsion gas flow rate, [m3

eg/m2
r ⋅s] 

umf, usg, ut, utr Minimum fluidization velocity, superficial gas velocity, 
terminal velocity and transport velocity, [m3

g/m2
r ⋅s] 

usg, uss Superficial gas velocity and solids velocity, [m3
g/s/m2

r•s] 
Vi Approach-to-equilibrium of ith reaction, [-] 
VFeO molar volume of wüstite, [m3/mol] 
W/F0

CH4, W/F0
CO2 Space time in SMR test and in methanation and RWGS 

test, [kgcat•s/molCH4/CO2] 
xCH4, xCO2 Conversion of CH4 and conversion of CO2, [-] 
xFe2O3, xFe3O4, xFeO, xFe Reduction conversion of Fe2O3, Fe3O4, FeO and 

Fe, [-] 

Greek letters 
α Ratio of the molar volume of solid product to reactant in rate 

equation of the reduction of FeO by CO, [-] 
αOC Fraction of oxygen carrier in the solid mixture, [kgOC/kgs] 
αcat Fraction of SMR catalyst in the solid mixture, [kgcat/kgs] 
βi Biot number in a random pore model of FeO reduction by CO, 

[-] 
ε0 Initial porosity of the particle in RPM of FeO reduction by CO, 

[-] 
εg Void in riser, [m3

g/m3
r ] 

ηs, ηg Frictional factor in the riser for rate drop, see Supplementary 
Material. 

μ Gas viscosity, [kg/m⋅s] 
ψ Structural parameter in RPM of the FeO reduction by CO, [-] 
ρOC/cat Density of oxygen carrier and catalyst, [kgOC/cat/m3

OC/cat] 
ρM

Fe2O3 Molar density of Fe2O3, [mol/m3] 
ϕRed Effectiveness factor of reduction reactions due to particles 

residence time distribution, [-] 
ΔHai Adsorption heat of i species, [kJ/mol] 
ΔH0

r Reaction enthalpy, [kJ/mol] 
ΔFA,Ei Excess flow from emulsion phase to bubble phase due to volume 

expansion, [molA/m3
r ⋅s] 

Ωr Reactor surface area, [m2] 

Subscripts and superscripts 
ave Averaged 
eqv Equivalent 
full ox Full oxidation state 
i Solids species, Fe2O3, Fe3O4, FeO 
in FR At inlet of the FR 
out AR At AR outlet 
out FR At FR outlet  
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2 [15]. 
Autothermal Chemical Looping Reforming (aCLR) is seen as a 

promising technology that improves energy efficiency and facilitates 
CO2 capture and utilization that has been actively studied in the past 
years [3,16,17]. Moreover, aCLR inherently produces syngas with a H2- 
to-CO ratio close to 2 that is ideal for several downstream processes. 
Typically, aCLR system consists of an air reactor (AR) and a fuel reactor 
(FR) [17]. An oxygen carrier (OC), usually a metal oxide, is used to 
transport oxygen between the two reactors. The global reaction between 
methane and OC can be expressed as: 

CH4 +
1
y
MeOx→CO+ 2H2 +

1
y

MeOx− y 

After the OC being reduced, OC is transported to the AR and reacts 
with O2: 

MeOx− y +
y
2
O2→MeOx 

CLR has been demonstrated in various scales to investigate its 
feasibility [18]. For example, Rydén et al. [19] studied CLR in an 
interconnected fluidized bed reactor system using a NiO-MgAl2O4 OC. 
High syngas (CO and H2) selectivity was achieved while coke formation 
was eliminated by co-feeding a small amount of steam (~25% of the 
CH4). Diego et al. [20] studied CLR in a 900Wth circulating fluidized bed 
reactor under continuous operation. NiO on alumina was used as OC and 
a methane conversion higher than 98% was achieved under all operating 
conditions. Osman et al. [21] achieved autothermal operation of CLR in 
an internally circulated fluidized bed using NiO/Al2O3. At a larger scale, 
Pröll et al. [22] tested CLR in a 140kWth interconnected fluidized bed 
system. Various feed stoichiometric air-to-CH4 ratios, ca. 0.5–1.15, were 
tested while nearly full conversion of methane was achieved for all the 
cases. Fan et al. [23] demonstrated solid fuel based CLR in a 250kWth 
moving bed reactor using an Fe-based OC. High fuel conversion was 
achieved with producing high purity H2. Although several metals, 
including Ni, Fe, Cu, Mn, and Ce in their mono- or bi-metallic forms, 
have been investigated as active materials as OC for CLR [17,24–27], 
many OCs were not tested in real CLR operating conditions, but only 
tested in micro-fixed bed or TGA to evaluate their reduction and 
oxidation properties. Ni-based OCs have been extensively studied due to 
their high reactivity towards methane reforming [22,28,29]. However, 
the formation of cancerogenic Ni-containing dust during chemical 
looping processes presents a serious environmental concern, casting a 
shadow over the prospect of Ni-based OC for aCLR. Cu is another widely 
studied metal for chemical looping. The reactivity of Cu-based OCs is 
generally lower than that of Ni-based OCs but higher than that of Fe- 
based OC. However, both Cu and CuO have a low melting point and a 
high tendency for agglomeration [30]. Perovskite-type materials have 
also been investigated for chemical looping processes [31], but their 
relatively low reactivity and oxygen transport capacity limit their 
practical application. 

Fe-based materials are considered promising OCs due to their 
abundance, low cost and non-toxicity. Consequently, they have been 
widely studied for use in chemical looping processes [32–35]. Iron exists 
in three oxidation states, Fe2O3, Fe3O4, and FeO. The reduction of the 
latter two, i.e., Fe3O4 and FeO, require high CO/CO2 or H2/H2O ratio to 
proceed, which thermodynamically favors syngas production [36,37]. 
The low reactivity of Fe-based OC towards methane, however, results in 
insufficient fuel conversion in chemical looping processes. Pans et al. 
[38] investigated chemical looping combustion (CLC) of different gases 
and found the fuel conversion was high for syngas (H2 and CO), but low 
for methane-containing gases. Other studies confirmed the reactivity of 
Fe-oxides with gases encountered in methane reforming ranking as H2 >

CO > CH4 [39]. The reduction rates of the various Fe-oxides also differ 
one from another. At temperatures above 576 ◦C, the reduction of Fe2O3 
consists of three stages, Fe2O3->Fe3O4, Fe3O4->FeO, and FeO->Fe. 
While the first stage is the fastest, the latter two are intrinsically 

successively slower [40–42]. To improve the fuel conversion in chemical 
looping processes using Fe-based OC, Ni-based materials have been 
studied as additives [43–45], whereas safety and environmental con
cerns arise. In contrast, noble-metal catalysts, such as Pt-, Rh-, Ru-, and 
Ir-based catalysts are known to be active for methane reforming 
[46–50], but their use in aCLR has not been widely studied. Another 
reason to consider a noble-metal catalyst is that, the feed steam-to- 
carbon (S/C) ratio is typically low in the aCLR FR, which favors coke 
formation, and further induces catalyst deactivation [51,52]. Noble- 
metal catalysts usually have a lower coke formation tendency [53] 
than Ni-based catalysts, which makes them particularly attractive for 
aCLR. Finally, Rh is non-toxic, whereas Ni is known to be cancerogenic 
[54,55]. By combining an Fe-based OC and a noble metal catalyst, a new 
process called catalyst-enhanced aCLR (CE-aCLR) is proposed, which 
enhances the methane conversion whilst retaining environmental 
compatibility. 

To study the commercial scale feasibility of the CE-aCLR, an 
advanced simulation model is required that accounts for the unique 
features of the materials and reactors. For instance, in the FR of the CE- 
aCLR, the catalyst takes only a few percentages of the solids, and the fast 
SMR reactions are typically limited by mass transfer limitations [12]. 
Thus, the pseudo-homogeneous emulsion phase assumption in the 
classical two-phase fluidized bed model must be improved to correctly 
simulate the methane conversion process, which is done by accounting 
for the mass transfer between the emulsion gas and catalyst particles 
external surface. In addition, because the various Fe-oxides exhibit 
different reduction rates, the influence of the residence time distribution 
(RTD) of the OC particles has to be accounted for to correctly simulate 
the reduction of the OC. Thus, an effectiveness factor was introduced 
and will be discussed in detail later. The developed model applies 
various scale-bridging approaches to account appropriately for the 
various physical/chemical phenomena while ensuring acceptable 
simulation times. The model allows evaluating the influence of material 
properties such as reaction kinetics, reactor design and operating 
conditions. 

Knowing the intrinsic kinetics of noble metal-based catalyst is the 
prerequisite for evaluating the feasibility of CE-aCLR. As previous ki
netic studies on SMR mostly focused on Ni-based catalysts, the intrinsic 
kinetics of a commercial Rh-based catalyst is first determined with 
carefully designed experiments that eliminated the heat and mass 
transfer limitations and ensure isothermal operation. Next, a multi-scale 
reactor model is presented that is used to evaluate commercial CE-aCLR 
performance. The primary contributions of work are:  

• Proposed environmentally friendly CE-aCLR,  
• Investigation of the intrinsic kinetics of a very active commercial Rh- 

based SMR catalyst.  
• Extension of a previously developed and verified multi-scale model 

[56] to simulate CE-aCLR, accounting for the effect of RTD of the 
solids in the FR on the reduction reactions, and for mass transfer 
limitations between the emulsion gas and catalyst particles.  

• Demonstration of the feasibility of the novel CE-aCLR process by the 
means of numerical simulations. Sensitivity studies of the influence 
of the bed height, the catalyst activity, and the reactivity of OC on the 
process performance. 

2. Experimental 

This section presents the study of the intrinsic kinetics of a Rh-Based 
SMR catalyst. 

2.1. Catalyst and characterization 

A commercial Rh-based catalyst with 5% Rh on α-Al2O3 as active 
phase was selected as the catalyst for the CE-aCLR. The catalyst was 
crushed and sieved to the desired diameter range, i.e., 100–150 μm. The 
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morphology and EDX-elemental analysis of the catalyst are shown in 
Fig. 1. 

2.2. Experimental reactor design and operation conditions 

The experimental reactor was designed to allow determining the 
intrinsic reaction kinetics of the very fast and endothermic SMR re
actions. In order to facilitate the kinetic modeling, the bed design and 
experimental conditions were carefully chosen to allow operating the 
reactor isothermally and under plug flow, in the absence of interfacial 
and intra-particle mass and heat transfer limitations, and with a small 
pressure drop across the bed [57]. Criteria to satisfy these conditions 
were summarized by Minette et al. [58], and lead to a relatively narrow 
window of operating conditions. 

A schematic of the experimental setup is shown in Fig. 2 (left). The 
gases were provided by Air Liquide: Argon Alpha 1, CH4 N35, H2 N40, 
and CO2 N27. The individual flow rates of the gases were controlled 
using calibrated thermal mass flow controller (MFC) (SLA5850, Brooks 

Instrument). Deionized water was fed from a pressurized tank, using 
Argon at about 2 bar higher than the operating pressure of the reactor. 
The water flow rate was controlled using a calibrated Coriolis mass flow 
controller (QMBC2, Brooks Instrument). The reactor was made from an 
Inconel-625 tube with an inner diameter of 10 mm. A 6 mm thermowell 
was inserted into the reactor center for measuring the bed temperature, 
resulting in an annular reactor bed that also decreased the effective 
diameter and the radial temperature difference of the bed. The reactor is 
installed in an 800 W electrically heated furnace (Kamenev Liege) 
controlled by a programmable PID controller with a thermocouple 
installed in the thermowell. Besides, the pressure at the reactor inlet and 
outlet were measured using two pressure transmitters (PN300, NEXON) 
to verify the pressure drop. The catalyst (15.6 mg) was mixed with 
alumina particles (100–150 µm in diameter) to compose about 1 g 
mixture to be a 20 mm long bed that was loaded in the mid of the heated 
zone. The rest of the bed was filled with coarse alumina particles to 
minimize the pressure drop in the inert bed. Details about the bed 
packing are given in Fig. 2 (right). 

To determine the intrinsic reaction kinetics, various criteria must be 
satisfied that lead to a narrow window of operation conditions, in 
particular for the temperature. These criteria have been discussed by 
[58]. To widen the temperature range and increase the accuracy of the 
kinetic parameter estimation, both SMR and the reverse reaction, 
methanation and reverse WGS, were experimentally studied. The 

Fig. 1. SEM image and EDX elemental analysis of the Rh-based SMR catalyst.  

Fig. 2. (Left) schematic diagram of the experimental set-up, (Right) detailed schematics of the micro-fixed bed reactor.  

Table 1 
Test conditions for the steam methane reforming and methanation and RWGS 
experiments.  

Steam methane reforming 

Temperature (◦C) 450 – 525 
Pressure (bar) 5 
S/C molar 3 
H2/CH4 molar 1 – 1.5 
Ar/Cmolar 6–10 (Ar/C) 
Flow rate of CH4 300–400 Nml/min 
Methanation and reverse of water gas shift 
Temperature (◦C) 375–450 
Pressure (bar) 5 
H2/CO2 molar 2–4 
Ar/H2 molar 6 
Flow rate of CO2 100–250 Nml/min  
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experimentally tested conditions are summarized in Table 1. Five 
different space-times W/F0

CH4 were tested for each operating tempera
ture. The tested temperatures for SMR were lower than that in typical 
industrial practice to guarantee negligible temperature gradients and to 
avoid approaching chemical equilibrium. Hydrogen was co-fed aiming 
at slowing down the methane reforming reactions to guarantee 
isothermal operation [28,59]. 

The feed water was vaporized in an evaporator operating at 230 ◦C, 
then mixed with other gases. The gas mixture passed through a super
heater before entering the reactor. The operating temperature of the 
preheater was 450 ◦C or 250 ◦C respectively for SMR and methanation. 
Immediately after exiting the reactor, the reactor effluent was cooled in 
a coil immersed in a chamber with a circulating water-iso-propanol 
mixture kept at 5 ◦C by a chiller. After passing through a pressure 
regulator (LF-Series, Equilibar), the condensed water and gas were 
separated by a sample filter (91S6, Parker) to remove the liquid and 
possible dust. The dry effluent was then analyzed using a mass spec
trometer (QGA, Hiden Analytical) for quantitative analysis of H2, CH4, 
CO, CO2, and Ar at m/z of 2, 15, 28, 44, and 40 respectively. The mass 
spectrometer was calibrated before every test with a gas mixture close to 
the dry gas composition to ensure accuracy. It was verified that the 
deviation of the carbon balance and the reaction stoichiometry were less 
than 5% for every test. 

Prior to kinetic testing, the catalyst was reduced for 12 h with a 10/ 
90% H2/Ar mixture at 575 ◦C at 5 bar. The temperature was then 
decreased to 525 ◦C for catalyst aging at reference conditions. Typically, 
the activity of the catalyst decreased rapidly in the first few hours and 
then decreased more slowly. The catalyst aging was thus performed for 
about 24 h until the catalyst activity was considered sufficiently stable. 
Before testing at each temperature–pressure combination, a reference 
test (FCH4 = 300Nml/min, S/C = 3, Ar/CH4 = 6, H2/CH4 = 1.2 at 500 ◦C) 

was performed to verify stable catalyst activity and to allow minor 
correction of the space–time, following the procedure described by Xu 
and Froment [28], to account for an eventual change of activity. 

2.3. Reaction mechanism and parameter estimation 

The following three global reactions (r1), (r2) and (r3) are consid
ered to take place on the catalyst [28]: 

CH4 + H2O ↔ CO + 3H2,ΔH0
r = 206kJ/mol (r1)  

CO + H2O ↔ CO2 + H2,ΔH0
r = − 41kJ/mol (r2)  

CH4 + 2H2O ↔ CO2 + 4H2,ΔH0
r = 165kJ/mol (r3) 

The reactions (r1) - (r3) are assumed to take place on the same active 
sites. The reaction mechanism, introduced by Xu and Froment [28], is 
adopted and described in Supplementary Material. The signature of this 
reaction mechanism is the formation of adsorbed CHxO-l species that 
were confirmed by Menon et al. [60]. The elementary steps involved in 
each global reaction are described in Supplementary Material. It is well 
accepted that steps (s7), (s8), and (s9) are the rate-determining steps for 
respectively the global reaction (r1), (r2), and (r3) [58,61], and the 
corresponding Langmuir-Hinshelwood-Hougen-Watson-type rate 
expression are listed in Eqs. (1)–(3): 

r1 =

(
k1

p2.5
H2

)(

pCH4 pH2O −
pCOp3

H2

KI

)
1

DEN2 (1)  

r2 =

(
k2

pH2

)(

pCOpH2O −
pH2 pCO2

KII

)
1

DEN2 (2) 

Fig. 3. Schematic representation of the simulated CE-aCLR system and the involved physical phenomena.  
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r3 =

(
k3

p3.5
H2

)(

pCH4 p2
H2O −

pCO2 p4
H2

KIII

)
1

DEN2 (3)  

DEN = 1 + KCH4 pCH4 + KCOpCO + KH2 pH2 + KH2OpH2O/pH2 (4) 

In SMR experiments, methane conversion and the selectivity to CO2 
are respectively defined as: 

xCH4 =
(

F0
CH4

− FCH4

)/
FCH4 (5)  

sCO2 = FCO2/F0
CH4

(6) 

In methanation and RWGS experiments, the conversion of CO2 and 
conversion to CH4 are defined as: 

xCO2 =
(

F0
CO2

− FCO2

)/
F0

CO2
(7)  

sCH4 = FCH4/F0
CO2

(8) 

The integral method of kinetics analysis was used to estimate the rate 
parameters [57,62,63]. The conversions were calculated by integrating 
the continuity equations for reference components. The model equations 
are listed in Supplementary Material. The Athena Visual Studio software 
was used for parameter estimation and statistical testing. 

3. Modeling 

This section presents the model for the CE-aCLR reactor system. 

3.1. Overview 

The dual fluidized bed reactor system is considered for the CE-aCLR 
process as this configuration has been successfully demonstrated to be 
suitable for various chemical looping processes [17,22,64,65]. The aCLR 
system mainly consists of a riser AR where the OC is oxidized by air, a 
bubbling fluidized bed (BFB) FR where methane is converted, and a 
carbon stripper in which the carbon-containing species are removed 
from the solids before the solids are transported to the AR for oxidation. 
The carbon stripper can also act as a segregator that separates the OC 
and the catalysts. The CE-aCLR bed reactor system is schematically 
illustrated in Fig. 3. 

The CE-aCLR model considers that the Fe-based OC is only respon
sible for transferring oxygen between the AR and the FR, while the Rh- 
based SMR catalyst is considered to catalyze the methane reforming 
reactions in the FR. The OC and catalyst are mixed in the FR and are 
separated outside the FR. The two kinds of solids are considered to have 
different densities. Typically, the Fe-based OC has a higher density while 
the SMR catalyst is lighter as it is typically a few percentages of active 
metal on porous ceramic in order to have high activity. In general, the 
segregation of two kinds of particles can be severe when the superficial 
gas velocity is close to umf but is attenuated as bubbling becomes more 
vigorous [66,67]. Joseph et al. [68] found at a superficial gas velocity 
greater than 3 times the minimum fluidization velocity (umf), the binary 
mixture of two particles that differ in both density and size were well- 
mixed. Thus, the catalyst and OC are seen as well-mixed in the FR in 
this work as the superficial gas velocity is usually 5–10 times the umf in 
aCLR [22]. On the other hand, Chladek et al. [69] found that segregation 
can be obtained with suitable gas velocity within the interval of the two 
umf. When the two particles have close umf, e.g., 0.36 m/s and 0.26 m/s 
in [70], segregation was obtained when the gas velocity was between 
the umf of the lighter and heavier particles. The bottom bed consisted of 
> 99% jetsam, i.e., the particles tend to sink, while the top layer was 
much less pure with 24% jetsam. Other approaches have also been tested 
to improve the segregation efficiency, including vibration [71], and 
pulsating gas flow [72]. Achieving a pure heavier OC particles flow to 
send from the FR to the AR is as such feasible as assumed in this work. 

After separation, the OC is transported to the AR for oxidation, while the 
catalyst is recycled into the FR. Also, because the noble-metal-based 
catalysts are usually very active in catalyzing SMR reactions, the OC 
typically takes a much larger volume fraction in the FR than the catalyst. 

3.2. Reactivity of the OC 

An Fe-based, MgAl2O4-supported OC with 20% Fe2O3 when fully 
oxidized is considered in this work. MgAl2O4 is selected as carrier as it 
has a very high melting point and interacts weakly with the active 
metals [73,74]. Hu et al. [24] found that the oxygen transport capacity 
of 20% Fe2O3 on MgAl2O4 was stable during reduction and oxidation 
(RedOx) cycles. It had also little tendency towards agglomeration and 
sintering, while other oxygen carriers containing 30%, 40%, and 50% 
Fe2O3 defluidized during RedOx cycles. The defluidization and sintering 
of the OC are the result of high temperatures during oxidation. In aCLR 
where no heat should be deliberately extracted, the OC with 20% Fe2O3 
in the OC is more than enough for the oxidized OC to reach the tem
perature limit (for OC activity and metallurgical considerations). It is 
assumed that the diameter of the OC particles is in the range of 180–220 
μm while its density is 2500 kg/m3. The reactivity will be discussed in 
the following subsections. Note that the concentration of species, i.e., 
CFe2O3 , CFe3O4 , CFeO, and CFe3O4 are always expressed with respect to fully 
oxidized OC in this work. 

3.2.1. Reduction kinetics of the OC 
The reduction of different Fe-based OCs has been extensively stud

ied. The consensus is that the reduction of Fe2O3 follows Fe2O3->Fe3O4- 
>Fe at a temperature lower than 576 ◦C, while at higher temperature, it 
follows Fe2O3->Fe3O4->FeO->Fe [36,40,75]. Abad et al. [39,76] 
investigated the reduction of different types of iron ore with H2 and CO 
with varying H2O and CO2 concentrations and concluded that the 
reduction of Fe2O3 to Fe3O4 is barely affected by the presence of H2O 
and CO2 while the further reduction reactions are significantly affected. 
Thus, in this work, the reduction of Fe2O3 to Fe3O4 is considered irre
versible, while Fe3O4 to FeO and FeO to Fe are considered reversible. 
The reduction reactions with H2 and CO are as follow: 

3Fe2O3 + H2(CO)→2Fe3O4 + H2O(CO2),ΔH0
r = − 5.8( − 47.0)kJ/mol  

Fe3O4 + H2(CO)↔ 3FeO + H2O(CO2),ΔH0
r = 60.6(19.3)kJ/mol  

FeO + H2(CO)↔ Fe + H2O(CO2),ΔH0
r = 30.2(10.9)kJ/mol 

The reduction rates of Fe2O3, Fe3O4 and FeO reacting with H2, CO 
and CH4 have to be considered [77], but have been reported separately 
in the literature. The first stage reduction is very fast, whereas the sec
ond and third stages are much slower [42,78]. In addition, it is found 
that hematite is fastest reduced by H2, followed by CO, and slowest by 
CH4 [39,42,78,79]. It has been shown by Liu et al. [42] that there is no 
competing nor synergistic effect in the reduction of Fe-base OC by H2 
and CO. Thus, the reduction reactions are assumed independent in this 
work. 

The reduction kinetics from four papers [39–42] are adopted to 
represent the fast reduction kinetics of the synthesized Fe-based OC. 
Buelens et al. [40] used in-situ XRD to study the reduction of an OC, 
Fe2O3 on MgAl2O4, by H2 and confirmed the reduction of Fe2O3 being a 
three-stage reaction. The reduction kinetics was determined by the 
means of non-isothermal reduction experiments. The shrinking core 
model was used to describe the sequenced reduction processes. The rate 
expression is as follow: 

ri,H2

[
moli

kgOC⋅s

]

=
3

r0ρM
Fe2O3

a⋅CFe2O3

(
CH2 − CH2O/Keq,i

)

1
ki,H2

(1 − Xi)
− 2/3

+
r0

Di

[
(1 − Xi)

− 1/3
− 1

] (9)  

where i = Fe2O3, Fe3O4, FeO, r0 is the average grain radius = 5.3•10-8 
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[m], ρM
Fe2O3 is the molar density of Fe2O3 = 7.82•103 [mol/m3], a = 3, 1, 

1 respectively for Fe2O3, Fe3O4 and FeO, ki,H2 = A0,i,H2exp(-Ea,i,H2/RT), 
Di = D0,iexp(-Ea,diff,i,H2/RT). For the reduction of Fe2O3 by CO, the ki
netics reported by Bohn et al. [41] is adopted for the first and second 
step reduction, while Liu et al.’s work [42] is adopted for the third step. 
For the first stage (Fe2O3→Fe3O4): 

rFe2O3 ,CO

[
molFe2O3

kgOC⋅s

]

= kFe2O3 ,CO

(

CCO −
CCO2

Keq,R5′

)
(
1 − XFe2O3

)0.4 (10) 

For the second stage (Fe3O4 ↔ FeO): 

rFe3O4 ,CO

[
molFe3O4

kgOC⋅s

]

= kFe3O4 ,CO

(

CCO −
CCO2

Keq,R6′

)
(
1 − XFe3O4

)1.2 (11) 

For the third stage (FeO ↔ Fe): 

rFeO,CO

[
molFeO

kgOC⋅s

]

=
S0⋅CFeO

1 − ε0

kFeO,CO
̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
1 − ψ ln(1 − XFeO)

√

1 +
βα
ψ

[ ̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
1 − ψ ln(1 − XFeO)

√
− 1

]

(

CCO −
CCO2

Keq,R7′

)

(12)  

where ki,CO = k0,i,CO•exp(Eai,CO/RT), i = Fe2O3, Fe3O4 and FeO, α is the 
ratio of the molar volume of solid product to reactant, β = 2kFeO,CO(1- 
ε0)/VFeOS0DFeO,CO, ψ = 4πL0(1- ε0)/S0

2, S0 = (2.5 ± 1.2) × 106 [m− 1], L0 
= 7.5 × 1012 [m− 2], ε0 = 0.6, VFeO = 1.25 × 10-5 [m3/mol], DFeO,CO =

2.91 × 10-7⋅exp(-90 × 103/RT) [m2/s]. The equilibrium constants for 
the reduction of magnetite and wustite are given in Table 2. In the 
simulation, CO and H2 are considered to react with magnetite only when 
the driving forces, (CH2 − CH2O/KR5) and (CCO − CCO2/KR5′ ) are both 
positive, and only react with wustite when both (CH2 − CH2O/KR6) and 
(CCO − CCO2/KR6′ ) are positive (which is valid at any location in the FR 
during autothermal operation). 

The reactivity of hematite with CH4 is typically low as has been 
shown from TGA tests [80] and fluidized bed experiments [38,81,82]. It 
is widely accepted that CH4 is fully oxidized into H2O and CO2 when 
Fe2O3 is reduced to Fe3O4. Although reduction of Fe2O3 to Fe by CH4 
with high methane conversion has been shown in the literature [37,83], 
very high spacetimes, W/F0, were used in these studies, which is also 
evidence of the very slow reduction of magnetite and wustite with CH4. 
Therefore, the reduction of magnetite and wustite by CH4 are neglected 
in this work. This treatment hardly brings any error because the OC only 
reacts with the gas in the emulsion phase in a fluidized bed, and it is 
shown that the concentration of CH4 in the emulsion phase is relatively 
low compared to that of H2 and CO [56]. The reaction kinetics reported 
by Mendiara et al. [39] is adopted for the reduction of Fe2O3 to Fe3O4 by 
CH4: 

CH4 + 12Fe2O3→CO2 + 2H2O + 8Fe3O4,ΔHr = 141.6kJ/mol (r7)  

rFe2O3 ,CH4

[
molFe2O3/kgOC⋅s

]
= kFe2O3 ,CH4 ⋅CCH4 (1 − X)

2
3 (13) 

According to Buelens et al. [40], the conversion of each step is 
calculated with: 

xFe2O3 = 1 − CFe2O3/CfullOx
Fe2O3

(14)  

xFe3O4 = xFe2O3 − 3CFe3O4/2CfullOx
Fe2O3

(15)  

xFeO = xFe3O4 − CFeO/2CfullOx
Fe2O3

(16) 

The kinetic parameters used to calculate the reaction rates are given 
in Table 3. The conversion-time curves with the adopted kinetics are 
shown in Figure S2, with the gas concentrations chosen similar to those 
in the emulsion phase in aCLR operation. 

3.2.2. Oxidation of the OC 
The oxidation of the Fe-based materials is very fast. Grosvenor et al. 

found that, at room temperature, Fe is oxidized by O2 to form a layer of 
Fe2O3, and cationic diffusion happens afterward to form Fe3O4 [84,85]. 
When Fe is oxidized by CO2 or H2O, in-situ XRD demonstrated that the 
Fe is oxidized directly to Fe3O4 without FeO being the intermediate 
product [40]. When Fe is oxidized with O2, the ex-situ XRD study 
revealed the existence of FeO and Fe3O4 in the partially oxidized OC and 
the product of full oxidation is Fe2O3 [86,87]. Because of its very fast 
nature, it is assumed that the oxidation of Fe with O2 is a single-step 
process to Fe2O3. The solid-state transformation occurs when the OC is 
in O2-depleted conditions, forming different oxides according to the 
reaction stoichiometry. The oxidation reaction and the transformation 
from Fe2O3 to other Fe-oxides is described by: 

Fe + 0.75O2→0.5Fe2O3,ΔH0
r = − 412.1kJ/mol (r8)  

4Fe2O3 + Fe→3Fe3O4,ΔH0
r = − 58.2kJ/mol (r9)  

Fe3O4 + Fe→4FeO,ΔH0
r = 30.2kJ/mol 10) 

The equivalent Fe2O3 concentration is used during the oxidation in 
the AR, which requires the equivalent Fe2O3 concentration of the OC at 
the exit of the FR as the feed condition for the AR: 

CeqvoutFR
Fe2O3

= CoutFR
Fe2O3

+
(

4CoutFR
Fe3O4

+ CoutFR
FeO

)/
3 (17) 

The composition of OC after solid-phase transformation is calculated 
according to the equivalent Fe2O3 concentration at the exit of the AR. If 
CoutAR

Fe2O3
≥ 8

9C
fullox.
Fe2O3

, Fe is present as Fe2O3 and Fe3O4: 

Table 2 
Equilibrium constants for reactions R5-R6 and R5′-R6′ [36].  

Reaction-Temperature range/oC Keq,ri = exp(a + b/T) 

a b 

R5-(576 ~ 1377 ◦C)  7.563  − 7393.9 
R6-(576 ~ 1377 ◦C)  1.239  − 2023.8 
R5′-(576 ~ 1377 ◦C)  3.661  − 3132.5 
R6′-(576 ~ 1377 ◦C)  − 2.667  2240.6  

Table 3 
Kinetic parameters for the three-stage reduction of Fe2O3 by H2, CO and CH4 
[39–42].  

Gaseous 
reactant 

Solid 
reactant 

Parameter unit Value 

H2 [40] Fe2O3 A0,Fe2O3,H2 [m/s] 1.2 ± 0.2 × 108 

Ea,Fe2O3,H2 [kJ/mol] 191.1 ± 0.8 
D0Fe2O3,H2 [m2/s] 2.8 ± 0.3 × 10- 

12 

Ea,diff,Fe2O3, 

H2 

[kJ/mol] 37.5 ± 0.6 

Fe3O4 A0,Fe3O4,H2 [m/s] 2.2 ± 0.1 × 102 

Ea,Fe3O4,H2 [kJ/mol] 129.2 ± 0.3 
D0,Fe3O4,H2 [m2/s] 1.8 ± 0.2 × 10-9 

Ea,diff,Fe4O4, 

H2 

[kJ/mol] 86.9 ± 0.4 

FeO A0,FeO,H2 [m/s] 1.5 ± 0.1 × 102 

Ea,FeO,H2 [kJ/mol] 120.2 ± 0.2 
D0,FeO,H2 [m2/s] 3.8 ± 0.2 × 10-9 

Ea,diff,FeO,H2 [kJ/mol] 99.0 ± 0.3 
CO [41,42] Fe2O3 A0,Fe2O3,CO [m3/ 

kgOC•s] 
3.88 × 103 

Ea,Fe2O3,CO [kJ/mol] 75 
Fe3O4 A0,Fe3O4,CO [m3/ 

kgOC•s] 
1.85 × 104 

Ea,Fe3O4,CO [kJ/mol] 94 
FeO A0,FeO,CO [m4/mol•s] 1.1 × 10-6 

Ea,FeO,CO [kJ/mol] 64 
D0,FeO,CO [m2/s] 2.91 × 10-7 

Ea,diff,FeO,CO [kJ/mol] 90 
CH4 [39] Fe2O3 A0,Fe2O3,CH4 [mg

3/ 
kgOC•s] 

1.46 × 1010 

Ea,Fe2O3,CH4 [kJ/mol] 257  
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⎧
⎪⎨

⎪⎩

CinFR
Fe3O4

= 6
(

Cfullox
Fe2O3

+ CoutAR
Fe2O3

)

CinFR
Fe2O3

= 9CoutAR
Fe2O3

− 8Cfullox
Fe2O3

(18) 

If 2Cfullox
Fe2O3

≤ 3CoutAR
Fe2O3

< 8
3C

fullox.
Fe2O3

, Fe is present as Fe3O4 and FeO: 
⎧
⎨

⎩

CinFR
Fe3O4

= 3CoutAR
Fe2O3

− 2Cfullox
Fe2O3

CinFR
FeO = 8Cfullox

Fe2O3
− 9CoutAR

Fe2O3

(19) 

If 3CoutAR
Fe2O3

≤ 2Cfullox
Fe2O3

, Fe is present as FeO and Fe: 
⎧
⎨

⎩

CinFR
FeO = 3CoutAR

Fe2O3

CinFR
Fe = 2Cfullox

Fe2O3
− 3CoutAR

Fe2O3

(20) 

The evolution of the temperature between the AR and FR is calcu
lated from the enthalpy balance for the OC: 
∑

i
himi =

∑

k
hkmk (21) 

Where i denotes the Fe-oxides at the exit of the AR/FR and k denotes 
the Fe-oxides at the inlet of the FR/AR. The oxidation of Fe by O2 is 
extremely fast at high temperatures, explaining why many studies were 
almost not able to distinguish the difference in oxidation rate at different 
temperatures [39,78,88]. Our previous work [89] found that the 
oxidation of an Fe-based OC (20% wt. Fe2O3 on MgAl2O4) was even 
significantly faster than the rates typically reported in the literature. An 
empirical rate equation proposed in [89] is adopted in this work: 

rO2 = 0.75rFe = k0exp
(

−
Ea

RT

)

(1 − xFe)pO2 (22) 

Note that a homogeneous solid-phase transformation was assumed 
for the Fe-based OC and that a first-order dependent with respect to the 
partial pressure of O2 was observed. The low activation energy of Fe 
oxidation with O2, 32 kJ/mol, reported by Grosvenor et al. [84], was 
used for extrapolation. This activation energy results in a pre- 
exponential factor, k0, of 3.436E + 03 [molO2/kgOC⋅bar⋅s]. It should be 
noted that the used pre-exponential factor is still somewhat an under
estimation as transport limitations could not be entirely eliminated 
during the oxidation experiments. 

3.3. Reactor hydrodynamic models 

The aCLR model was based on the standard two-phase model [90] for 
BFBs and the 1-D heterogeneous model for riser type reactor. The base 
model was developed elsewhere and verified against experimental data 
in pilot scale experiments [56]. The model is extended in this work to 
account for the use of a separate Fe-based OC and Rh-based SMR catalyst 
in the CE-aCLR, the low catalyst volume fraction, and multiple oxidation 
states of the Fe-based OC. These modifications to the simulation model 
are discussed in detail thereafter. 

The two-phase model for the FR assumes that the BFB consists of a 
solids-free bubble phase and an emulsion phase containing all the par
ticles that are at minimum fluidization conditions. Bubbles are initially 
small and grow larger when traveling upwards until reaching the top of 
the bed or breaking up [91]. A maximum bubble diameter is typically 
reached. Slugging is not observed when the reactor is sufficiently large 
[92]. Plug flow is considered for the bubble phase because of the high 
bubble rise velocity, while axial dispersion of the emulsion phase gas 
must be considered to account for the gas dispersion induced by the 
solids back-mixing. Two mechanisms contributing to mass transfer be
tween bubble and emulsion phase are accounted for: 1) molecular 
diffusion driven by species concentration differences, 2) excess flow due 
to volume expansion induced by the reaction involving CH4. The former 
is modeled by the interchange coefficient, kI, while the latter is 
accounted for by an excess flow term, ΔFA,Ei. Typically, the reduction 

reaction rates are calculated using the concentration of species in the 
emulsion gas, assuming the mass transfer between emulsion gas and the 
OC is fast. This is justified by the relatively low reaction rates and high 
concentrations of gaseous reactants in the emulsion phase, i.e., H2 and 
CO [56,57]. For the fast SMR reactions on the catalyst, however, inter
facial mass transfer between emulsion gas and catalyst has to be 
explicitly accounted for. 

For the solids phase species in the FR, because the reduction rates of 
Fe in different oxidation states are very different, the reduction of each 
oxide has to be modeled separately. Solids mixing also significantly af
fects the reduction rate. A model based on plug flow with axial disper
sion is adopted to account for the back-mixing of the solids. The high 
effective diffusivity of the solids phase results, however, in a very uni
form solids concentration within the FR. This is the volume-averaged 
concentration, however, with individual OC particles having different 
oxidation states as a result of the RTD. This is reflected in different 
reduction rates [93]. The average reduction rate accounting for the RTD 
of the solids may differ from the reduction rate calculated with the 
volume-averaged oxidation state. Correctly calculating the reduction 
rate is crucial for correctly calculating the solids species concentration at 
the exit of the FR and the oxidation in the AR. The FB model is modified, 
introducing an effectiveness that accounts for the effect of the solids RTD 
on the reduction reactions: 

φRed = Rave
si /Ri

(
Xave

i

)
(23)  

where Ri
(
Xave

i
)

is the reaction rate calculated using the average con
version, and Rave

i is the average reaction rate considering the solids RTD, 
E(t): 

Rave
i =

∫ ∞

0
Ri(Xi(t) )E(t)dt (24) 

The Xi(t) − t curve is calculated using the sum of the reaction rates 
with the average driving force of H2, CO and CH4 in the emulsion phase. 
For example, the average driving force for the reduction of Fe3O4 by H2 
in the FR is calculated by: 

Cave
H2

=
1
H

∫ H

0

(

Ce
H2

−
Ce

H2O

Keq,r5

)

dz (25) 

The static head is considered the only source of pressure drop in the 

Table 4 
Reactor model equations for the BFB FR and riser AR.  

FR 

dFb
A

dz
= − kI

(
Cb

A − Cb
A
)
+ ΔFA,Ei 

dFe
A

dz
=

d
dz

(
Deg

fegueg

dFe
A

dz

)

+ kI
(
Cb

A − Ce
A
)
− kgav

(
Ce

A − Cs
A
)
+ fesαoCρOCφRedRRed

A +

RWGS
A − ΔFA,Ei 

kgav
(
Ce

A − Cs
A
)
= fesαcatρcatRSMR

A 

ṁs

Ωr

dCi

dz
= ρOCfesαOCDes

d2Ci

dz2 + φredρOCfesαOCRi 

minFR
s hs

(
TinFR

s
)
+
∑

AminFR
A hA

(
TinFR

g

)
= moutFR

s hs(TFR) +
∑

AminFR
A hA(TFR)

dp
dz

= − fes(αOCρOC +αcatρcat)g 

AR 
dFO2

dz
= − kgav

(
CO2 − Cs

O2

)

ṁs

Ωrρs
∊s

dCs
O2

dz
= kgav

(
CO2 − Cs

O2

)
+ rO2 ρOC

(
1 − εg

)

ṁs

Ω
dCFe

dz
= − rFeρOC

(
1 − εg

)

usgρgCp,g
dT
dz

= − hf av(T − Ts)

ṁsCp,s

Ω
dTs

dz
= hf av (T − Ts) + rFe

(
− ΔHr

Ox
)
ρs
(
1 − εg

)

−
dptot

dz
= ρOCg

(
1 − εg

)
+ ρggεg +

2ηsρOCu2
ss(

1 − εg
)
DAR

+
2ηgρgu2

sg

εgDAR   
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BFB because of the low slip velocity. The lateral and axial temperature 
gradients are considered negligible as the solids mixing is very efficient 
while the thermal conductivity and heat capacity of the solids are high. 
The FR can as such be considered isothermal, and its operating tem
perature is calculated by the overall heat balance. 

For the riser AR, a 1D heterogeneous plug flow model accounting for 
interfacial mass and heat transfer limitations is adopted. The reaction is 
considered to occur under solids surfaces conditions. Though the gas- 
solids heat transfer is fast, the heat release from the oxidation results 
in very different solids and gas temperatures, which have to be calcu
lated separately. Because of the very high superficial gas velocity and 
gas-solids slip velocity, both the contribution of the static and frictional 
pressure drop are accounted for in the pressure drop equation [94]. The 
reactor model equations for the FR and AR are summarized in Table 4. 
The constitutive equations and the boundary conditions are listed in the 
Supplementary Material. Selection criteria for the key constitutive 
equations, e.g., interchange coefficient, are also explained in the Sup
plementary Material. 

3.4. Primary dimensions and operation conditions of the aCLR system 

It is considered that in both the AR and FR, the gas and solids are fed 
at the bottom and leave via the top of the reactor. In a commercial scale 
a-CLR unit, the fuel (a mixture of H2O or/and CO2, and methane) fed to 
the FR and the air fed to the AR are preheated using the high- 
temperature syngas/depleted air to optimize heat recovery. In the 
simulation, the feed temperature to both the AR and FR is 773 K, which 
is a feasible temperature [56]. The properties of the two types of solids 
considered are listed in Table 5. 

The fuel reactor is operated in the bubbling regime, with the su
perficial gas velocity being higher than the minimum fluidization ve
locity of the heavier particle, umf,1. Because all the reactions involving 
CH4 produce two more molecules, the superficial gas velocity increases 
during methane conversion. On the other hand, to avoid too strong 
entrainment, the superficial gas velocity near the top of the bed should 
not be too high to avoid reaching the terminal velocity of the lighter 
particle, ut,2. The feed of the FR being primarily CH4 (mixed with a small 
amount of H2O and/or CO2), the superficial gas velocity at the exit of the 
FR can be roughly estimated as 3 times that at the inlet. Thus: 

umf ,1 < uinFR
sg <

ut,2

3 (26) 

The design of the FR considers the capacity equivalent to 50 con
ventional reforming tubes with more than 95% CH4 conversion and with 
a feed steam-to-methane ratio of 1/6. Following the initial simulations, a 
4 m diameter, 0.8 m high (dense zone) FR is chosen. The influence of the 
bed height on the reactor performance will be discussed later. The air 
reactor is operated in riser mode. Thus, the superficial gas velocity of the 
air reactor should be significantly higher than the transport velocity at 
which massive solids circulating starts. The transport velocity is calcu
lated by [95]: 

Retr = utrdpρg/μ = 2.28Ar0.419 (27)  

Ar = d3
pρgg

(
ρs − ρg

)/
μ2 (28) 

The diameter of the AR, dAR, is determined by: 

4Gg/
(

0.25πd2
ARρair

(
TinAR

g

))
= 2utr (29)  

where the superficial air inlet velocity is two times the transport velocity 
of the OC. The air feed rate, Gg, in [kg/s] is chosen according to an 
oxygen-to-CH4 ratio of around 1.2 for autothermal operation of the aCLR 
[22,56]. This ratio will be further adjusted to ensure autothermal 
operation. These considerations result in a riser diameter of 1.2 m. A 
riser height of 10 m was chosen to provide sufficient height to install 
cyclones, loop seal, etc. This height is more than needed for nearly 100% 
O2 conversion with the given oxidation kinetics. Nevertheless, the riser 
AR is much shorter than a typical FCC riser [96]. 

3.5. Simulation procedure 

To ensure the autothermal operation at the desired operating tem
perature of the FR while meeting the temperature limit of the AR, two 
parameters are adjusted: the air feed rate and the solids circulation rate, 
that is, between the AR and FR. The air feed rate is adjusted to meet the 
FR temperature while the solids circulation rate is adjusted to meet the 
AR temperature. The procedure is shown in Fig. 4. 

Table 5 
Properties of the considered solids.   

Oxygen carrier Catalyst 

Density [kg/m3] 2496 1980 
Diameter [mm] 0.2 0.2 
Composition 20% Fe2O3 on MgAl2O4 5% Rh on Al2O3 

umf, [m3
g/m2

r ⋅s] 0.045 0.036 
ut, [m3

g/m2
r ⋅s] 2.41 2.07 

utr, [m3
g/m2

r ⋅s] 5.05 4.58 
Values for umf and ut are calculated with FR inlet gas at 1073 K, utr is calculated with 

air at 773 K.  

Fig. 4. Numerical solution algorithm.  
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4. Results and discussion 

4.1. Experimental results and reaction kinetics 

After preliminary experiments, 15.6 mg of the catalyst was used for 
kinetics tests to allow sufficient conversion to determine kinetics while 
avoiding a too high conversion to prevent temperature gradients or 
approaching equilibrium. The experimental data of the CH4 conversion, 
xCH4, and selectivity to CO2, sCO2, versus the space–time W/F0

CH4 during 
SMR experiments are shown in Fig. 5, while the experimental results of 
the CO2 conversion xCO2 selectivity to CH4, sCH4, versus the space–time 
W/F0

CH4 during methanation and RWGS experiments are shown in Fig. 6. 
The data at each temperature were separately treated using linear 

least squares regression to obtain rate constants and adsorption equi
librium constants at each temperature. The estimates per temperature 
are shown in Table S5 in the Supplementary Material. It should be noted 
that the estimation of the statistically significant value of k2 from SMR 
experimental data is usually challenging because reaction (r2) ap
proaches equilibrium in the window of tested SMR operating conditions 
and the partial pressure of CO and CO2 are very low [12,58]. The WGS 
rate parameters were therefore estimated from the methanation and 
RWGS data only. In addition, because of the low CO partial pressure in 
SMR experiments, KCO is only estimated using WGS data, while for a 
similar reason, KCH4 and KH2O are only estimated using SMR data. 
Following isothermal data treatment, all obtained data at different 
temperatures were used jointly for parameter estimation, using non- 

Fig. 5. Methane conversion (left) and selectivity to CO2 (right) as a function of space time (flow rate varied) in SMR tests for P = 5 bar, S/C = 3.06, H2/CH4 = 1.2 and 
for different temperatures. Dots: experimental data; Lines: model predictions. 

Fig. 6. Conversion into methane (left) and CO2 conversion (right) as a function of space time (flow rate varied) in methanation tests for P = 5 bar, Ar/H2 = 6 and for 
different temperatures. Dots: experimental data; Lines: model predictions. 
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linear least squares regression. The parameters estimated through linear 
regression were plotted using Arrhenius and van’t Hoff relations to 
obtain the initial guesses for the activation energies and the adsorption 
enthalpies. This step also facilitates verifying the absence of transport 
limitations. To improve the convergence and reduce the impact of a 
pronounced correlation between the pre-exponential factor and activa
tion energies or adsorption enthalpies, the rate and adsorption equilib
rium constants were re-parameterized according to the following 
equation: 

ki = A(ki)exp
(

−
Eai

RT

)

= ki,Tm exp
{

−
Eai

R

(
1
T
−

1
Tm

)}

(30)  

KA = A(KA)exp
(

−
ΔHai

RT

)

= KA,Tm exp
{

−
ΔHai

R

(
1
T
−

1
Tm

)}

(31) 

The mean temperature for the methanation and RWGS tests is Tm1 =

710 K and for the SMR test Tm2 = 773 K. The comparison between the 
linear regression and non-linear regression is shown in Figure S3 in the 
Supplementary Material. The estimated parameters are given in Table 6, 
accompanied by 95% confidence intervals. The comparison between 
experimental data and model prediction is shown in Fig. 5 and Fig. 6 and 
shows a good fit. It shou be noted that the Rh-based catalyst is about 
20–200 times more active than that of the traditional Ni-based catalyst 
for the second SMR reaction, while it has a similar activity for the first 
SMR reaction and is 10–100 times less active for the WGS reaction. A 
comparison is shown in Figure S4 in the Supplementary Material. 

4.2. Commercial scale CE-aCLR unit 

The methane conversion in the FR has the same definition as in 
section 2, while the oxygen and Fe conversion in the AR are respectively 
defined as: 

xO2(z) = 1 − FO2 (z)/F0
O2

(32)  

xFe(z) = 1 − CFe/2CfullOx
Fe2O3

(33) 

Approach-to-equilibrium is defined in (Eq. (34)) [28] and is 

calculated at the temperature of the FR using both the species concen
trations on the catalysts surface and the species concentrations in the 
emulsion gas. 

Vi =
1

Keq,i

∏
pvj

j (34)  

where i denotes r1, r2 or r3, j denotes the species involved in ith reaction 
and vj is the stoichiometric coefficient of component j in reaction i. When 
Vi is below 1 the reaction proceeds to the right and vice versa. The in
dependent simulation of the FR or AR is not very meaningful to evaluate 
the performance of aCLR system because:  

1. Oxygen is typically fully consumed in the AR.  
2. The OC is generally not fully reduced in the FR and the different 

oxidation state of OC affects the gas composition at the FR outlet.  
3. The solids species concentrations in the FR and solids circulating rate 

determine the AR outlet composition. 

Thus, all the presented CE-aCLR simulations results are for the 
coupled AR-FR system. The reactor dimensions and the operating con
ditions for the reference case are summarized in Table 7. 

Fig. 7 shows the axial conversion and temperature profiles in the AR. 
Oxygen is almost fully consumed in the initial 4 m of the riser. Because 
the oxidation rate can be higher than the experimentally measured, the 
riser is sufficiently long for fully utilizing the fed oxygen. The mean Fe 
conversion increased from ~ 0.38 to ~ 0.79 and the temperature of the 
OC increased from 1073 K to 1375 K with a solids circulating rate of 
55.6 kg/s. This corresponds to 49 [kg/m2⋅s] that is a moderate value. 
Based on the solids state transition assumption, when the Fe conversion 
is between 2/3 and 8/9, the Fe in OC becomes a mixture of FeO and 
Fe3O4. Note that the temperature at the exit of the AR is intendedly 
controlled by adjusting the solids circulating rate. The AR exit 

Table 6 
Parameter estimation using non-linear regression.  

Parameter Unit Values with 95% C.I. 

A(kr1) (Tm2) [mol/kgcat⋅s⋅bar0.5] 48.3 ± 4.4 
Eai [kJ/mol] 232.9 ± 5.1 
A(kr2) (Tm1) [mol/kgcat⋅s⋅bar] 1438 ± 100 
Eaii [kJ/mol] 40.8 ± 3.7 
A(kr3) (Tm2) [mol/kgcat⋅s⋅bar0.5] 39.65 ± 0.37 
Eaiii [kJ/mol] 297.0 ± 5.2 
A(KH2) (Tm2) [bar− 1] 0.034 ± 0.0093 
ΔHH2 [kJ⁄mol] − 149.6 ± 6.0 
A(KCO) (Tm1) [bar− 1] 1759.0 ± 53.0 
ΔHCO [kJ⁄mol] − 47.6 ± 1.9 
A(KCH4) (Tm2) [bar− 1] 0.91 ± 0.41 
ΔHCH4 [kJ⁄mol] − 42.0 ± 65.0 
A(KH2O) (Tm2) [bar] 5.34 ± 0.21 
ΔHH2O [kJ⁄mol] 84.5 ± 32  

Table 7 
Reactor dimensions, operation conditions, and flow streams at the inlet and outlet of the FR and AR for the reference case.  

Dimensions DFR[m] HFR[m] DAR[m] HAR[m] p0 [bar] Tg
in [K]  

4 0.8 1.2 10 1.1 773  

FR FCH4 FH2O FCO FCO2 FH2 Ceqv
Fe2O3 

Ts [K] 
In FR 71.4 12.0 0.1 0.1 0.1 0.98 1371 
Exit FR 2.3 17.9 60.83 8.53 132.4 0.474 1073 
AR FinAR

O2 
FN2 FoutAR

O2 
ṁs Tsin

AR Texit
AR p0 [bar] 

41.8 157.3 2E-3 55.6 1072 1364 1.1 
All flow rates, FA, are in [mol/s], Ceqv

Fe2O3 
is in [mol/kg], ṁs is in [kg/s], temperatures are in [K], Tg

in = 773 K.  

Fig. 7. Axial profile of Fe and O2 conversion, gas and solids temperature in the 
AR. TFR = 1073 K, ṁs = 55.6 kg/s, Cin AR, eqv

Fe2O3
= 0.474 mol/kg, Cout AR, eqv

Fe2O3
=

0.983 mol/kg. 
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temperature, ~1100 ◦C is feasible at ambient pressure but already a high 
value with the existing materials. The oxygen transport capacity is about 
1.54 molO/kgOC, or 0.024 kgO/kgOC, resulting in a temperature differ
ence between the AR and the FR of ~ 300 K. The oxygen transport ca
pacity is a relatively small value that is lower than that of the Fe2O3- 
Fe3O4 cycle [17]. However, the oxygen transport capacity is limited by 
the temperature limits instead of the intrinsic capacity, indicating that 
the oxygen transport capability is generally not to be concerned with 
metal-oxide-based OCs. Decreasing the temperature at the exit of the AR 
can be achieved by increasing the solids circulation rate, at the expense 
of a higher pressure drop in the riser. The imposed temperature limit is 

an operational issue relevant to various factors, e.g, the construction 
material, potential deactivation of OC and catalyst, and eventual heat 
losses, issues that will not be further addressed in this work. 

The axial profiles of the mean, bubble phase, emulsion phase species 
concentration profiles, and of the gas and solids fractions in the FR are 
shown in Fig. 8. The axial profiles of the reaction rates, concentration 
differences between emulsion gas and gas in the catalyst, and the 
approach-to-equilibrium are shown Fig. 9. 

Fig. 8a shows that the mean fraction of the steam decreases in the 
initial 0.3 m of the FR and then increases, while the mean fractions of H2 
and CO increase fast in the initial 0.2 m and then slightly decrease. This 

Fig. 8. Axial profiles of the (a) means species fractions and methane conversion, (b) species fractions in the bubble phase, (c) species fractions in the emulsion gas 
and (d) bubble, solids voidage fractions and pressure profile in the FR. Simulation of the ref. case. TFR = 1073 K, feed S/C = 1/6, ṁs = 55.6 kg/s. 

Fig. 9. Axial profiles of the: (a) SMR reaction rates, (b) reduction reaction rates, (c) concentration differences between the emulsion gas and gas on catalyst surface, 
(d) approach-to-equilibrium in the emulsion gas and gas in the catalyst in the FR. Simulation of ref. case, TFR = 1073 K, feed S/C = 1/6. 
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indicates that steam methane reforming reactions are faster in the lower 
part of the reactor, due to high CH4 concentration, leading to a net 
production of H2 and CO. In the upper part of the reactor, the lower CH4 
concentration results in a lower driving force for mass transfer from the 
bubble to the emulsion phase. This slows down the SMR reactions and 
decreases the methane fraction in the emulsion phase. On the other 
hand, the reduction rate of the Fe-oxides is relatively stable (Fig. 9b), 
leading to a net consumption of H2 and CO. Fig. 8a also shows the 
methane conversion and the equilibrium conversion calculated with the 
mean concentration in the FR. Both xCH4 and xCH4

equb increase with 
height because more oxygen is transferred from the OC to the gas. At ZFR 
of ~ 0.2 m, the methane conversion is very close to the equilibrium 
conversion, indicating lack of oxygen in the gas phase. Fig. 8b shows 
that the species fractions in the bubble phase are very close to the mean 
species fractions (Fig. 8a) because a significant portion of the gas is in 
the bubble phase. With the relatively high superficial gas velocity, usg

0 =

0.539 [m3
g/m2

r s], and relatively low minimum fluidization velocity of 
the OC, umf

OC = 0.0446 [m3
g/m2

r s], the initial bubble fraction, fb0, is about 
0.25 and the gas flux to the bubble phase is 0.5055 [m3

g/m2
r s], meaning 

more than 90% of the gas is in the bubble phase at the FR inlet. Although 
the superficial gas velocity is high, the bubbling fluidized bed model is 
valid. As pointed by Leckner [97], even when operating in a regime that 
is traditionally classified as turbulent or fast fluidization, a bottom 
bubbling bed exists in the industrial scale fluidized bed as long as solids 
are sufficiently supplied. Fig. 8c shows that the species fractions in the 
emulsion gas are very different from those in the bubble phase near the 
inlet of the FR, indicating pronounced mass transfer resistance between 
the bubble and emulsion phase. It is seen in Fig. 8c that the mean con
centration of Fe3O4 is very low while that of FeO is relatively high. 
However, as the reduction of Fe3O4 is faster, the volume-averaged 
reduction rates of Fe3O4 and FeO are comparable, as seen in Fig. 9b. 
The concentration of FeO is almost constant in the FR because of the 
strong axial dispersion and production of FeO from the reduction of 
Fe3O4, but the Fe3O4 mean concentration, although very low, is far from 
constant due to the very fast reduction rate. Fig. 8d shows the voidage is 
between 0.6 and 0.65, a typical voidage in a large-scale bubbling bed 
with group B particles in the same superficial gas velocity range [97]. 

As seen in Fig. 9a, the first SMR reaction proceeds to the right-hand 
side while both the WGS and the second SMR reactions proceed to the 
left-hand side due to the very low H2O concentration on the catalyst 
surface. This indicates the SMR reactions are limited by the low con
centration of H2O. Fig. 9b shows the overall reduction rate of gaseous 
reactants is about 0.014 [mol/kgOC⋅s], and the reduction by H2 is about 
five times faster than that by CO, reflecting the concentration difference 
between these two gases and different kinetics. Fig. 9c shows that the 
concentration difference of H2O between the emulsion gas and gas in the 
catalyst is about 0.08 [mol/m3

g], with the concentration of H2O in the 
emulsion gas as low as ~ 0.12 [mol/m3

g]. This significant difference in 
H2O concentration indicates again that low H2O concentration in the 
emulsion gas limits the SMR reactions. On the other hand, the SMR re
action rate is seen to be 50–100 times higher than the reduction rate, 
implying a 50–100 times lower concentration difference (of H2 and CO) 
between the emulsion gas and the OC particles than between the 
emulsion gas and the catalyst particles. This justifies neglecting the mass 
transfer resistance for the reduction reactions. Interestingly, the con
centration of CO2 is higher in the emulsion phase than on the catalyst 
surface, confirming CO2 is essentially a reactant. Different gas-phase 
concentrations result in different driving forces for the reactions. It is 
seen in Fig. 9d that Ve

WGS is close to unity, as WGS is expected to be close 
equilibrium at high temperature. Ve

SMRI and Ve
SMRII calculated with the 

emulsion gas concentrations, are below 1. Note that two values are very 
close and that only two of these equilibria are independent. On the 
catalyst surface, Vs

SMRI is below 1 while both Vs
SMRII and Vs

WGS are greater 
than 1. This indicates again a lack of H2O, the result of a very low steam- 
to-methane feed ratio (1/6) in CE-aCLR compared to ~ 3 in SMR, and 

the relatively low reduction rates. The latter is due to less than 40% of 
the OC in the FR participating in the reduction and less than 20% of the 
OC containing Fe3O4, as seen in Fig. 10. Fig. 9d shows that, on the solids 
surface, all the SMR reactions approach equilibrium near the outlet of 
the FR, but this is not the case in the emulsion gas, the result of mass 
transfer resistance between the emulsion gas and the catalyst surface. 
But the concentration differences between the emulsion gas and gas on 
the catalyst surface are very small at the FR outlet, as shown in Fig. 9c. 
Fig. 8b shows that the concentration of CH4 in the bubble phase is low at 
the FR outlet and close to the CH4 concentration in the emulsion gas. 

The inlet and outlet flow streams are summarized in Table 7. The 
yield to syngas (H2 + CO) per mole of converted CH4 ratio is about 2.91, 
meaning nearly 97% of the converted methane is converted to syngas. 
The energy efficiency of CE-aCLR can be estimated by the ratio of lower 
heat values (LHV) of the converted CH4 and the produced syngas, ηe =

LHVH2+CO,exitofFR/LHVCH4 ,inletofFR = 89%. This is competitive with con
ventional methane reforming processes, SMR and ATR. The outlet H2/ 
CO ratio is 2.17 that meets the requirement for F-T and methanol syn
thesis. The bed inventory of the FR per mole of CH4 per second can be 
estimated by invOC = fsaveΩrHFRαOCρOC/FCH4 and invcat = fsaveΩrHFRαcatρ
cat/FCH4. For the reference case, the parameters and properties are shown 

Fig. 10. The reduction conversion vs. t curve using the mean driving force and 
the cumulated residence time distribution of solids in the FR, HFR = 0.8 m. 

Fig. 11. (Top) methane conversion vs. FR height, (Bottom) equivalent Fe2O3 
concentration at the inlet and outlet of the FR vs. FR height. TFR = 1073 K, feed 
S/C = 1/6. 
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in Table 5 and Table 7. The OC inventory in the FR is invOC =

0.35*22*π*0.8*0.95*2496/71.4 = 116.8 kgOC*s/molCH4, while the 
catalyst inventory is invcat = 0.35*22*π*0.8*0.05*1980/71.4 = 4.88 
kgcat*s/molCH4. As a comparison, a conventional packed bed SMR typi
cally uses reactors with Dr = 0.1 m and Hr = 12 m. Thus, the catalyst 
inventory of a SMR with the same capacity is invcat =

0.5*0.25*0.12*π*12*50*1980/71.4 = 65.34 kgcat*s/molCH4 (assuming a 
typical bed porosity of a SMR tubular reactor of 0.5, and an identical 
SMR catalyst). Thus, the CE-aCLR needs ca. 10 times less catalyst than 
conventional SMR, although it requires doubled weight of Fe-based OC. 
The latter is, however, typically much cheaper than SMR catalysts. 

4.3. Sensitivity analysis 

4.3.1. Influence of FR bed height on the performance of the CE-aCLR unit 
The fluidized bed height and diameter affect the operating cost and 

reactor performance as it determines the catalyst and OC inventories, as 
well as the residence time of the gas in the bed. Fig. 11 shows the 
relationship between the methane conversion and the FR bed height, 
with xCH4

equb being calculated using the exit species concentrations. Both 
xCH4 and xCH4

equb increase with bed height but the influence is not linear 
due to the strong axial mixing in the BFB. The equivalent Fe2O3 con
centration, also shown in Fig. 11, is higher in the shallower bed, due to 
the shorter solids residence time in the FR. In shallower beds, the dif
ference between xCH4 and xCH4

equb is more significant than that in a 
deeper bed. In shallower beds, the methane conversion is more severely 
limited by the mass transfer resistance between the bubble and emulsion 
phase, leading to a high CH4 slip within the bubble gas. The methane 

conversion reaches approximately 0.83 with a 0.2 m high FR, while 
doubling the bed height (HFR = 0.4 m) results in an increase of xCH4 to 
0.94. A further increase of the bed height results in a less significant 
increase in methane conversion. The reason is found in the species and 
reaction rate profiles. In deeper beds, the methane conversion is mainly 
constrained by chemical equilibrium. With 96% CH4 conversion, a 0.8 m 

Fig. 12. Axial profiles in a 0.2 m high FR: (a) SMR reaction rates, (b) reduction reaction rates, (c) concentration differences between the emulsion gas and gas on the 
catalyst surface, (d) approach-to-equilibrium in emulsion gas and in the gas on the catalyst, (e) gas concentration of emulsion gas and (f) concentration of gas on the 
catalyst surface. TFR = 1073 K, feed S/C = 1/6. 

Fig. 13. The reduction conversion-t curve using the mean driving force and the 
cumulated residence time distribution of the solids in the FR, HFR = 0.2 m. 
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bed height FR is chosen for further sensitivity studies. 
Axial profiles of the reaction rates, approach-to-equilibrium, gas 

concentrations, and gas-catalyst concentration differences in the 0.2 m 
FR are shown in Fig. 12. As can be seen from Fig. 12a, SMR rates are 
significantly higher near the inlet of the FR than that in the 0.8 m high 
bed (Fig. 9a). This is due to the higher H2O concentration (Fig. 12e). For 
the same reason, both r1 and r3 proceed to the right. The concentration 
differences between the emulsion gas and catalyst are much higher than 
that in the 0.8 m FR, as seen in Fig. 12c. As shown in Fig. 12b, the 
reduction rates are faster than in the 0.8 m FR, because of the higher 
oxidation state of the OC. In the 0.2 m-high FR approximately 60% of the 
OC contains Fe3O4 and about 90% of the OC contains FeO, as shown in 
Fig. 13. This is due to the shorter residence time of the OC particles in the 
0.2 m FR. Although the mean Fe3O4 concentration is much lower than 
that of FeO, the reduction of Fe3O4 by H2 is faster than that of FeO near 
the inlet of the FR, which reflects faster reduction kinetics. All the SMR 
reactions are far from equilibrium at the exit of the 0.2 m FR, as shown in 
Fig. 12d. In the 0.8 m-high FR, all the SMR reactions were very close to 
equilibrium under catalyst surface conditions. 

4.3.2. Influence of catalyst activity on the performance of the CE-aCLR unit 
The sensitivity of the reactor performance to the catalyst activity is of 

great interest because of two reasons: 1. During long-term operation, 

Fig. 14. Effect of catalyst activity on the methane conversion in the 0.8 m 
height FR. 

Fig. 15. Axial profiles in the FR with 0.01x reference catalyst activity: (a) SMR reaction rates, (b) reduction reaction rates, (c) concentration differences between the 
emulsion gas and gas on catalyst surface, (d) approach-to-equilibrium in the emulsion gas and gas in the catalyst, (e) gas concentrations of emulsion gas and (f) 
concentration of the gas on the catalyst surface. Simulation of ref. case, TFR = 1073 K, feed S/C = 1/6. 
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deactivation of catalyst is inevitable [13,98]. 2. The catalyst considered 
in this work is a relatively expensive Rh-based catalyst with 5% Rh, 
which was selected because commercially available and because of the 
high intrinsic activity of Rh for SMR [99]. It is of interest to know the 
potential of using a less active catalyst with other metals or with less 
metal loading. 

Fig. 14 shows xCH4 vs bed height in a 0.8 m FR with the catalyst 
activity ranging from 0.01 to 5 times as the reference activity. It is seen 
that increasing the activity of the catalyst hardly increases the methane 
conversion. Decreasing the activity by 10 times slightly affects the 
methane conversion profile but hardly the exit methane conversion. This 
confirms that the limiting factors are bubble-emulsion mass transfer and 
lack of steam. Further decreasing the catalytic activity by 50 or 100 
times shows a more significant effect on the exit methane conversion. 

The axial profiles of the reaction rates, species concentrations, and 
approach-to-equilibrium in the 0.8 m FR with an only 0.01 times active 
SMR catalyst are shown in Fig. 15. Although the catalytic activity is 
much lower, the overall SMR rate at the inlet of the FR is similar to that 
with the reference catalyst activity due to a higher H2O concentration. 
For the same reason, both r1 and r3 proceed to the right. CO2 is a product 
instead of a reactant. This implies that the overall methane conversion in 
the FR is still limited profoundly by transport phenomena, i.e., the mass 
transfer between the bubble phase and emulsion phase. As seen from 
Fig. 9b and Fig. 15b, the reduction reactions are not much affected by 
the 100 times reduced catalyst activity. Fig. 15d shows, however, that 
the SMR reactions are far from equilibrium at the FR outlet in contrast 
with what is observed with reference SMR activity (Fig. 9b). The 
methane concentrations in the emulsion phase and on the catalyst sur
face are much higher than that with the reference SMR activity, as seen 
from Fig. 15e and Fig. 15f. Thus, when the fraction of catalyst is around 
5% wt. of the solids inventory in the FR, the catalyst should be at least 

0.1 times as active as the Rh-based catalyst studied in this work. 

4.3.3. Influence of OC reactivity on the performance of the CE-aCLR unit 
The reduction kinetics considered in this work is for synthesized OCs 

that exhibit fast reduction of Fe2O3 to Fe typically within 100 s at 800 ◦C 
with 10% H2. Naturally existing Fe-containing materials such as iron ore 
that have been studied for chemical looping processes [39,80,100] have 
reduction rates that are usually slower than those of the synthesized 
OCs. Therefore, the influence of a lower reduction rate is studied in this 
section. Fig. 16 shows the axial profiles in the FR with a 0.1x reduction 

Fig. 16. Axial profiles of the (a) means species fractions and methane conversion, (b) species fractions in the bubble phase, (c) species fractions in the emulsion gas 
and (d) bubble, emulsion and solids fractions and pressure profile in the FR. With 0.1x reduction rate for the OC. 

Fig. 17. The reduction conversion-t curve using the mean driving force and the 
cumulated residence time distribution of the solids in the FR with 0.1x reduc
tion rate, HFR = 0.8 m. 
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rate. The gas concentration profiles are almost identical to those with 
the reference reduction rate, while slightly higher CH4 is observed. The 
difference between xCH4 and xCH4

equb is smaller than that in the refer
ence case. This is due to lower H2O concentration with the reduced 
reduction kinetics. The Fe3O4 and FeO mean concentrations are seen to 
be higher than that in the reference case, as shown in Fig. 16c. This can 
be explained by the oxidation state of the OC in the FR. Fig. 17 shows the 
conversion-time curve of the OC with the 0.1x reduction rate and the 
cumulated RTD of the solids. Almost all OC particles in the FR contain 
Fe3O4 and all have a FeO conversion lower than ~ 80%. In the FR with 
reference reduction kinetics, only 40% of the OC particles participated 
in the reduction. With reduced reduction kinetics, all the OC particles 
participate in the reduction. This explains a similar volume-averaged 
reduction rate with slower intrinsic reduction kinetics. In addition, 
this clearly illustrates that the volume-averaged reduction rates are not 
only related to the reduction kinetics of the OC, but also to the flow 
pattern properties of the reactor. In this case, the particles in the FR have 
a long mean residence time and long-tail RTD. Thus, using a low-cost 
OC, e.g., iron ore, is possible in the CE-aCLR system with a Rh-based 
SMR catalyst. This reduces the operation cost of the system and 
partially compensates for the high cost of the catalyst. 

5. Conclusions 

Catalyst-enhanced autothermal Chemical Looping Reforming (CE- 
aCLR) using a noble-metal based steam methane reforming (SMR) 
catalyst and a synthesized Fe-based oxygen carrier (OC) is proposed to 
address environmental concerns associated with Ni-based material, and 
the low CH4 conversion related to the low reactivity of Fe-based OCs. 
The well-demonstrated aCLR configuration with a riser air reactor (AR) 
and a bubbling fluidized bed fuel reactor (FR), was considered when 
designing a commercial scale CE-aCLR unit. 

Firstly, the intrinsic kinetics of an environmentally friendly Rh-based 
SMR catalyst is carefully studied using a well-designed micro-fixed bed 
reactor under experimental conditions that eliminate transport limita
tions and ensure isothermal operations and plug flow. To widen the 
temperature range for parameter estimation, both SMR and methana
tion and reverse of water–gas-shift experiments were carried out. 
Parameter estimation combines linear and non-linear regression. 

The feasibility of the novel process at commercial scale is evaluated 
via numerical simulations using a coupled multi-scale reactor model. 
This model is based on a previously developed and validated aCLR 
model [56] that was modified to account for the distinct features of CE- 
aCLR. The model considers: 1. the nature of the reactor hydrodynamics, 
2. mass transfer between the bubble and emulsion phases, 3. mass 
transfer between the gas and solid phase within the emulsion phase, 4. 
detailed reaction kinetics. The latter includes the derived SMR reaction 
kinetics for the Rh-based catalyst studied in this work, OC reduction 
kinetics adopted from literature, and the OC oxidation kinetics esti
mated from fixed bed experiments. In addition, the influence of resi
dence time distribution of the solids in the FR on the reduction of the OC 
is accounted for. Dimensions for a commercial scale CE-aCLR unit are 
proposed and a performance study and sensitivity study are presented. 

The simulation results show that a methane conversion as high as 
96% and high syngas selectivity can be achieved in the commercial CE- 
aCLR unit with realistic reactor dimensions and solids circulation rate. 
The core of CE-aCLR is found to be the SMR catalyst, which should be 
sufficiently active to ensure high methane conversion. In contrast, the 
performance of the CE-aCLR unit was not very sensitive to the activity of 
OC. This is explained by the higher oxidation state of the OC particles in 
the FR when the reduction rate reduces. Even when the reduction rate of 
the OC reduced by a factor 10, similarly high methane conversions can 
be achieved. This opens perspective for using low-cost OCs, e.g., iron ore 
instead of the considered synthetic Fe-based OC. 
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[75] Zieliński J, Zglinicka I, Znak L, Kaszkur Z. Reduction of Fe2O3 with hydrogen. 
Appl Catal A 2010;381(1–2):191–6. https://doi.org/10.1016/j. 
apcata.2010.04.003. 

[76] Abad A, García-Labiano F, de Diego LF, Gayán P, Adánez J. Reduction Kinetics of 
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